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ABSTRACT 
An attractive option for reducing the emissions of CO2 to the atmosphere is CCS
1 
processes which is capturing and transporting the captured CO2 to large storage sites, e.g., 
saline aquifers. However, to achieve this goal there are several economic barriers and 
challenging engineering problems that cannot be taken care of without having a precise 
knowledge of thermo-physical properties of such systems. Robust models validated with 
precise experimental data are probably the most important part of the above-mentioned 
knowledge. 
In this study the PC-SAFT equation of state was applied to calculate thermo-physical 
properties and phase equilibria of CCS and flow assurance systems of interest. The model 
was tuned for numerous binary systems containing common gases and hydrocarbons by 
adjusting the BIPs2 to experimental VLE or LLE3 data. The PC-SAFT pure compound 
parameters of water, glycols and alcohol were also optimised using saturation data and 
their BIPs with non-polar substances were adjusted to experimental data. Second order 
derivatives of the PC-SAFT model contributions to Helmholtz free energy were also 
derived analytically to calculate second order thermodynamics properties of a few pure 
compounds.  
To experimentally study the phase equilibria of CO2-brine systems, solubilities of CO2 in 
different concentrations of NaCl, KCl, CaCl2 and MgCl2 aqueous solutions were 
measured over a wide range of temperatures and pressures. The water content of CO2-
rich phases in equilibrium with sodium chloride aqueous solutions and pure water were 
also measured over a broad range of temperature and pressures up to 550 bar. To validate 
the experimental data, the CPA4 and the PC-SAFT equation of states were tuned to 
literature data and the developed model calculations were compared with the 




   
                                                 
1 Carbon Capture and Storage 
2 Binary Interaction Parameter 
3 Vapour-Liquid or Liquid-Liquid Equilibria 
4 Cubic Plus Association equation of state 
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One of the greatest problem we face nowadays is global warming. The so-called 
"greenhouse effect" which is the cause of global warming is a danger to life on the earth. 
Global warming has several effects on the nature. Examples are killing the species which 
cannot tolerate the temperature rise or causing an increase in sea level due to melting the 
polar ice sheets. Animal extinction or dramatic changes in the normal routine of the nature 
will affect the human life as well. The area of the deserts will also be increased and 
dramatic agriculture decline and sever food crisis will happen consequently. Atmosphere 
contains a few greenhouse gases which absorb solar radiations reflected from earth and 
traps the heat inside the atmosphere causing the warming up of earth. However different 
greenhouse gas types produced by human activities have changed the natural balance of 
atmosphere concentration and increased the amount of those gases in the atmosphere.  
Carbon dioxide is considered as the main and the most important substance categorized 
as greenhouse gases which is mainly produced by fossil fuels consumption to supply the 
global energy demand. Due to the current population growth and changes in life styles in 
the past few decades’ energy demand has increased substantially. Consequently, a 
constant rise is observed in the carbon dioxide concentration in the atmosphere as fossil 
fuels are the main source of energy throughout the world in both household and industrial 
usage sectors. Figure 1.1 shows the percentage of the greenhouse gas emissions from 
2010 and the main producer of each gas reported by IPCC on 2014. As shown in the 
figure, 65% of the greenhouse gas emission is carbon dioxide which is produced by fossil 
fuel consumption. The highest CO2 emissions growth rate has been observed in 
developing countries, such as China while a relatively constant increasing rate was 
observed in the “carbon intensity of energy” for both developed and developing countries 
[1]. According to the data reported by National Oceanic and Atmospheric Administration 
(NOAA), the CO2 concentration in the atmosphere has been increasing from around 390 




Figure 1.1 Global greenhouse gas emissions by gas reported by IPCC (2014) 
To prevent global warming and the resulting climate change it is necessary to capture 
CO2 from the large emission sources rather than emitting to the atmosphere and transport 
them to a suitable platform wherein CO2 is securely stored deep down in a geological 
formation. The CO2 capture and separation from the combustion product which is the first 
step toward CCS can be performed in three recommended procedures including post-
combustion capture, pre-combustion capture and oxylfuel (O2/CO2 recycle combustion) 
capture [3] where CO2 is separated chemically or physically [3]. After CO2 was separated 
from the industrial outlet gases, it will be compressed and transported to storage sites or 
utilized. 
CO2-rich liquid or supercritical state are transported through pipelines from the emission 
sources to the suitable geological storage sites. Fluids coming from capture facilities 
contains mainly CO2 and some impurities such as N2, H2, O2, H2S, CH4, SO3, NO, NO2, 
CO and water. Long distance transportation together with physical and chemical 
properties of such compounds requires challenging engineering. The moisture content can 
cause several flow assurance issues, e.g. corrosion, ice and/or gas hydrate formation and 
pipeline blockage. Therefore, the fluid system should meet certain dehydration 
requirements. Furthermore, the stream is generally compressed and transported as liquid 
or dense‐phase to avoid two‐phase flow, as well as increasing the mass flow rate of the 
system. There is limited or no reliable experimental data on water content and dehydration 
requirements in such systems, in particular, at low temperature conditions that hydrate 
formation may occur during transport and storage. 
Fluorinated gases 2% 
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IPCC report suggests three main storage options including geological storage, ocean 
storage and mineral carbonation [4]. The storage in the ocean involves dissolving CO2 in 
sea water by injecting CO2 deep down in the ocean or to form hydrate that because of the 
greater density than sea water can sink into the ocean [4]. The mineral carbonation process 
consists of chemically conversion of CO2 in stable inorganic materials and storing them 
for a long time [4]. So far, the most advanced option among all storage methods reported 
by IPCC is CO2 injection for Enhanced Oil Recovery purposes that has gained most 
attractions because of its economic advantages [4]. Table 1.1 summarized different 
methods of CO2 storage and their development status until 2005.  
Table 1.1 Maturity of CO2 storage options [4] 
Method Development 
Geological storage Enhanced Oil Recovery (EOR) Mature market 
Gas or oil fields  Economically feasible under specific conditions 
Saline formations  Economically feasible under specific conditions 
Enhanced Coal Bed methane recovery (ECBM) Demonstration phase 
Ocean storage Direct injection (dissolution type)  Research phase 
Direct injection (lake type)  Research phase 
Mineral carbonation Natural silicate minerals  Research phase 
Waste materials  Demonstration phase 
 
The most important concern in storage sector is possible CO2 leakage to ocean and/or 
atmosphere [4] which could seriously damage the marine ecology due to natural ocean 
circulation and the movement of the dissolved CO2 [4] as well as compromising CCS as 
a climate change reduction option. The necessities of a suitable geological storage have 
been summarized by Solomon et al. as follow [5]:  
 “Adequate porosity and thickness (storage capacity) and permeability 
(injectivity)”. 
 “Satisfactory sealing caprock”. 
 “A stable geological environment to avoid compromising the integrity of the 
storage site.” 
Each method of storage has its own disadvantages, for instance the cost of chemically 
conversion of CO2 is relatively high [3]. Furthermore, despite the security and the long 
term storage capability that can be provided by this method, stored CO2 can have serious 
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effect on the oceans and endanger marine environment [3]. Saline aquifers are large brine 
bearing formation which have a high CO2 storage capacity. At formation conditions CO2 
exists in supercritical state. Therefore, high amount of CO2 can be stored deep 
underground. Adequate knowledge of the phase equilibria of CO2 and water system and 
the effect of impurities are therefore crucial. 
Solubility of CO2 is highly governed by interactions between the injected CO2 and the 
reservoir fluids. The storage capacity is directly related to the solubility of CO2 in aqueous 
phase and thermodynamic properties of such systems at reservoir conditions. As 
mentioned before, it is favourable in the eyes of industry to transfer CO2 in supercritical 
state which provides a high mass flow rate of CO2 because of the great density of CO2 in 
supercritical state. However, at very high pressure the risk of hydrate formation in the 
transport pipelines which could result in pipeline blockage and massive economical loss 
can be existed. In this case the solubility of water in rich CO2 phase becomes very 
important. 
In general, engineering and control of CO2 storage and transportation processes require a 
good understanding of the thermodynamics and physical properties of CO2/brine systems. 
As fluid phase behaviour of the above mentioned systems with the help of new 
experimental approaches is well understood, the correlations can complement with 
theoretical methods.  
Furthermore, simulation and modelling softwares are inseparable requirements of 
engineering especially in oil and gas industry. There has been always an urgent need for 
state of the art and reliable models to be implemented in fast and reliable computer 
applications. On the other hand, developing a reasonable and trustable model capable of 
producing reliable results fast and accurate simultaneously over a wide range of 
conditions is not achievable without accurate and proper experimental data in hand. Once 
a complete set of reliable experimental data is available then models can be tuned and 
enhance the capabilities of engineering softwares. In this thesis, the Perturbed Chained 
Statistical Association Fluid Theory, known as the PC-SAFT model was used to calculate 
the thermodynamics properties and phase equilibria of oil and gas systems of interest. 
The PC-SAFT model was proposed by Gross and Sadowski [6] is an extension of the 
SAFT model developed by Chapman et al. [7]. The performance of PC-SAFT equation 
of state in predicting the fluid density even in the near critical region in very good and 
because of its capability in modelling the long chain molecules like polymers, it has been 
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widely used for modelling of the asphaltene precipitation. However, the focus of the 
modelling section of this thesis will be on tuning the PC-SAFT model for flow assurance 
and carbon dioxide capture, transport and storage systems of concern.  
In flow assurance, water has a great deal of importance as it is the main reason of gas 
hydrates formation. Because of the lack of good descriptive model for water which can 
predicts the unique properties of water like its density below 4 °C, a new set of PC-SAFT 
pure parameters has been developed and reported in Chapter 2. The binary interaction 
parameters of various components with water using experimental measurements 
performed in this work and available experimental data were tuned and summarized 
afterward. Because of the importance of organic inhibitors in hydrate dissociation point 
calculation and also the significant role of glycol solvents in gas dehydration or CO2 
absorption processes, new sets of PC-SAFT pure component parameters were optimized 
using open literature data. The binary interaction parameters between organic inhibitors 
have been tuned using either available literature or in-house experimental data. The 
second derivative properties of noted systems were also calculated using analytical 
differentiation of PC-SAFT equation of state and predictions were compared to open 
experimental data in the literature.  
In this study, the solubility of CO2 in aqueous solutions of different salts has been 
measured and reported in Chapter 3. The detailed description of the solubility 
measurement experimental setup as well as the experimental procedure and material used 
are presented in this chapter. The experimental solubility measurements are divided into 
two main categories. The first one is the solubility measurements of pure CO2 in 10 wt% 
and 20 wt% sodium chloride aqueous solutions, at low temperatures of -5 °C, 0 °C, 5 °C, 
10 °C, 15°C and 25 °C and up to 300 bar pressures. The second category involves 
solubility measurement of pure CO2 in demineralized water as well as aqueous solutions 
of several salts including sodium chloride, potassium chloride, calcium chloride and 
magnesium chloride in different salt concentrations at elevated temperatures of 50 °C, 
100 °C and 150 °C and elevated pressures up to 550 bar to simulate deep geological 
conditions and produce reliable data for CO2/brine phase equilibria at those conditions. 
In addition to the CO2 solubility measurements in single salt aqueous solutions, 
solubilities were also measured in a mixture of salts aqueous solution at the same elevated 
temperatures and pressures. The experimental uncertainties for all measurements have 
been calculated and results were compared to the available experimental data reported in 
the literature by adjusting the CPA and PC-SAFT equation of states to the available 
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literature data and compare the model calculation with experimental data obtained in this 
study. The CPA equation of state was used in addition to the PC-SAFT model to be able 
to justify the validity of the experimental measurements regardless of the PC-SAFT 
model. 
To account for cases in which the risk of hydrate formation is high in CO2 transportation 
sector, the solubility of water in the CO2-rich phases has been studied experimentally and 
reported in Chapter 4. The water contents measurements were performed using 10 wt% 
and 20 wt% aqueous solutions of sodium chloride at pressures up to 390 bar and low 
temperatures from 0 °C to 25 °C for 10 wt% brine and -5 °C to 25 °C for 20 wt% solution. 
The water contents of CO2-rich fluids as well as pure CO2 were also experimentally 
investigated at elevated temperatures and pressures to study the water content behaviour 
of CO2-rich systems at high pressures and temperatures. For water content measurements 
at elevated temperatures Gas Chromatograph method was used as the water content of at 
above mentioned conditions is quite high. To check the reliability and capability of gas 
chromatography method for the water content measurements at elevated temperatures, 
the solubility of water in methane at 50 °C, 100 °C and 150 °C temperatures and elevated 
pressures were measured and compared against available experimental data and model 
calculations. The experimental setup descriptions and procedure adopted for water 











 Chapter 2 
2-Phase Equilibria Modelling Using PC-SAFT Equation of State 
2.1 Introduction and Model Background 
Equations of states are referred as the equations which correlate the volume, temperature 
and pressure of a system. The simplest equation of state is the classical ideal gas law 
where the energy of a system (𝑃𝑉) is linearly correlated with temperature. The van der 
Waals equation of state proposed in 1873 showed considerably better results than the 
ideal gas equation. Due to the correction in the energy term of the classical ideal gas 
equation which accounts for attraction forces between molecules and the correction to the 
volume of the system by considering the volume of the molecules, the van der Waals 
EoS1 was capable of predicting the liquid formation. Following by the van der Waals EoS 
the next generation of equation of states that could be rearranged in a cubic polynomial 
equation form were emerged.  
The most commonly used cubic EoSs in engineering are the Peng-Robinson [8] and the 
Soave-Redlich-Kwong [9] EoSs that have been extensively used in phase equilibria 
modelling studies as well as industrial simulation applications. These models that are 
sometimes referred as engineering equation of states, show promising results for 
predicting the phase equilibria behaviour and PVT properties of conventional fluids like 
small molecules present in the atmosphere (CO2, O2, N2, etc.) and heavier and more 
complex structural molecules of petroleum fluids. Those equations of states have two 
main terms, a repulsion contribution accounting for the repulsive forces between 
molecules and an attraction term to account for the van der Waals intermolecular 
attractions or the weak momentary polarizations. These forces are main interactions 
within the organic molecules like non-polar hydrocarbons and inorganic molecules.  
However, cubic EoSs fail to produce satisfactory results for more complex fluids such as 
polar solvents, electrolytes, heavy petroleum residual fluids like asphaltenes, polymers, 
and surface active agents wherein either more sophisticated molecular interactions or 
more complicated molecular structure and characteristics contribute to the microscopic 
and macroscopic fluid properties. As the key to model macroscopic properties of a fluid 
is the ability to describe microscopic properties and to account for the abovementioned 
                                                 
1 Short for Equation of State 
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complications involve in intermolecular and intramolecular interactions of real complex 
fluids, the molecular-based equation of states were introduced.  
Chapman et al. proposed an equation of state by applying the Wertheim thermodynamic 
perturbation theory [10], [11] referred as SAFT, an acronym for Statistical Association 
Fluid Theory [7], [12]. In the original SAFT approach, molecules are considered as single 
(spherical particles) or multiple chained hard-sphere segments (non-spherical molecules) 
with or without association sites depending on whether the molecule can form hydrogen 
bonding or not. The SAFT EoS is expressed as the sum of three intermolecular 
interactions contributions to the residual Helmholtz free energy, segment (hard-sphere 
repulsion and dispersion attraction), chain and association contributions. The residual 
Helmholtz free energy is defined as the difference between total and ideal Helmholtz free 
energy of a system at specified temperature and density (Eq. 2.1). 
𝐴𝑟𝑒𝑠(𝑇, 𝜌, 𝑥) = 𝐴(𝑇, 𝜌, 𝑥) − 𝐴𝑖𝑑𝑒𝑎𝑙 𝑔𝑎𝑠(𝑇, 𝜌, 𝑥)      Eq. 2.1 
𝐴𝑟𝑒𝑠(𝑇, 𝜌, 𝑥) = 𝐴𝑆𝑒𝑔𝑚𝑒𝑛𝑡(𝑇, 𝜌, 𝑥) + 𝐴𝐶ℎ𝑎𝑖𝑛(𝑇, 𝜌, 𝑥) + 𝐴𝐴𝑠𝑠𝑜𝑐𝑖𝑎𝑡𝑖𝑜𝑛(𝑇, 𝜌, 𝑥) Eq. 2.2 
Eq. 2.2 represents the original SAFT approach toward calculating the residual Helmholtz 
free energy of a system where the segment contribution accounts for the repulsion forces 
and attraction interaction between segments. The chain contribution accounted for the 
increment of the residual Helmholtz free energy due to the formation of segment chains 
and the association term which covers the intramolecular association forces between 
hydrogen bonding sites of polar molecules.  
For instance, as illustrated in Figure 2.1, with the SAFT equation of state, 1-hexanol 
alcohol is treated as a chain of six spherical segments (CH2 groups) where the hydrogen 
bonding sites of oxygen and hydrogen are placed on one segment at the end of the chain. 
The repulsion and attraction forces between CH2 groups are calculated by the segment 
term, and the increment of the residual Helmholtz free energy due to the formation of the 
CH2 segments chains is calculated by the chain term followed by association forces 











Figure 2.1 Contributions to the Helmholtz free energy in SAFT equation of state 
In 2000 Gross and Sadowski developed an equation of state for square-well chain fluids 
by applying the second-order perturbation theory of Barker and Henderson to a hard-
chain reference fluid (see Eq. 2.3) [13]. In this approach the residual free Helmholtz 
energy is sum of the Hard-Chain and Perturbation contributions. The above mentioned 









      Eq. 2.3 










       Eq. 2.4  
where based on the equation derived by Chapman et al. [7], the chain contribution to the 
residual Helmholtz free energy is obtained using the expression below. 
𝑎𝑐ℎ𝑎𝑖𝑛
𝑅𝑇
= ∑ 𝑥𝑖(𝑚𝑖 − 1)𝑙𝑛 𝑔𝑖𝑖
ℎ𝑠
𝑖         Eq. 2.5  
In Eq. 2.5, 𝑥𝑖 is the component mole fraction, 𝑚𝑖 is the segment number of component 𝑖 
and 𝑔𝑖𝑖
ℎ𝑠 is the radial pair distribution function of segments of component 𝑖 in the hard 
sphere system. The hard sphere contribution to the Helmholtz free energy and the radial 
distribution function are given by Eq. 2.6 and Eq. 2.7 which are calculated using the radial 
distribution function and compressibility factor (see Eq. 2.32) of a hard sphere mixture 






































     Eq. 2.7  
Reference particles Chains Added association sites 
Chain formation Association 
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𝑖          Eq. 2.8  
In the above equation 𝜌 is number density, 𝑥𝑖 is the mole fraction of component 𝑖 and 𝜎𝑖 
is the segment diameter of component 𝑖. Please note that in the next subsequent work [6] 
(will be discussed in section 2.2) Gross and Sadowski used a temperature dependent 
segment diameter to describe the soft repulsive interactions between molecules which is 
calculated using the following equation. 
𝑑(𝑇) = ∫ [1 − 𝑒𝑥𝑝 (−
𝑢(𝑟)
𝑘𝑇






    Eq. 2.9  
The perturbation section can be obtained after the reference fluid has been defined. In the 
perturbation approach the Helmholtz free energy is expanded in inverse temperature 
around the free energy of a reference system [6]. “The perturbations expansion is fast 
convergent and can be truncated after the second term” [13], [16]. Therefore, the 









      Eq. 2.10 
where 𝑘  is the Boltzman`s constant and 𝑁  is the number of molecules. As the shape 
segments of a chain molecules are considered spherical in the SAFT approach, Gross and 
Sadowski extended the perturbation theory of Baker and Henderson which was proposed 
for spherical molecules to chain molecules [13]. Therefore, the interaction between two 
chain molecules must be calculated as sum of the interactions between all segments of 
the chain molecules. Gross and Sadowski employed the average radial distribution 
function proposed by Chiew et al. [17]. Therefore, the first and second terms of the 






)𝜎3 ∫ 𝑔ℎ𝑐(𝑚; 𝑥, 𝜌)𝑥2𝑑𝑥
𝜆
1
       Eq. 2.11 
𝐴𝑆𝑒𝑐𝑜𝑛𝑑 𝑇𝑒𝑟𝑚
𝑁𝑘𝑇
















          Eq. 2.12 
In the above equations, 𝜌 is number density of the reference fluid, 𝑥 is the reduced radial 
distance from a molecule and 𝑔ℎ𝑐  is the average segment-segment radial distribution 
function at the density of the reference fluid at specified temperature. The well-square 
potential parameters 𝜎, 𝜀 and 𝜆 are defined as segment diameter, depth of the potential 
well and the reduced well-width respectively. To numerically calculate the integrals in 
Eq. 2.11 and Eq. 2.12, a sort of similar approach to the one proposed by Gulati and Hall 
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[18] was adopted by Gross and Sadowski [13] in which the integrals were calculated by 
simple power series (𝐼1 and 𝐼2) that are functions of density and segment number. The 
first and second term of the perturbation contribution for pure fluid were then calculated 







)𝜎3      Eq. 2.13 
𝐴𝑆𝑒𝑐𝑜𝑛𝑑 𝑇𝑒𝑟𝑚
𝑁𝑘𝑇







)2𝜎3   Eq. 2.14 
where 𝜂  is packing fraction representing reduced segment density, 𝑍𝑟𝑒𝑓  is the 
compressibility factor of the reference fluid, 𝜀 and 𝜎 are the depth of pair potential and 
segment diameter. As stated before, 𝐼1(𝜂, ?̅?)  and 𝐼2(𝜂, ?̅?)  are the substitutes of the 
perturbation theory integrals in the forms of simple power series. The details of the 
mathematical simplification and solving the first and second term integrals can be found 
elsewhere [13], [18]. The power series and the mixing rules are given by Eq. 2.15- Eq. 
2.18. 
𝐼1(𝜂, 𝑚) = ∑ 𝑎𝑖(𝑚)𝜂
𝑛6
𝑛=1         Eq. 2.15 
 𝐼2(𝜂, 𝑚) = ∑ 𝑏𝑖(𝑚)𝜂
𝑛6
𝑛=1        Eq. 2.16 








𝑎2𝑖      Eq. 2.17 








𝑏2𝑖      Eq. 2.18 
Unlike other previously represented power series of 𝐼1 and 𝐼2 which were function of 
density, for specified segment number, Gross and Sadowski used two power series of six 
order as the functions of segment number and density. The segment dependent 
coefficients 𝑎𝑖(𝑚) and 𝑏𝑖(𝑚) were proposed by Liu et al. and are calculated by Eq. 2.17 
and Eq. 2.18 [19]. The constants in the above mentioned equation were then optimized to 
the calculated values of 𝐼1  and 𝐼2  using molecular dynamics simulation of hard-chain 
molecules with segments number from 1 to 1000 and packing fractions up to 0.6 [13]. 
The van der Waals one fluid mixing rules were then applied to account for the unlike 
segment number, segment diameter and potential depths to extend the model for mixtures. 
The average segment number of the mixture is used in the Eq. 2.17 and Eq. 2.18 for 
calculation of the power series coefficients [13]. 
𝐴𝐹𝑖𝑟𝑠𝑡 𝑇𝑒𝑟𝑚
𝑁𝑘𝑇










= −𝜋𝜌?̅?(1 + 𝑍ℎ𝑐 + 𝜌
𝜕𝑍ℎ𝑐
𝜕𝜌





𝑗𝑖        
Eq. 2.20 
The conventional mixing rules used in the first and second terms of the perturbation 




             Eq. 2.21 
𝜀𝑖𝑗 = √𝜀𝑖𝜀𝑗(1 − 𝑘𝑖𝑗)          Eq. 2.22 
2.2 PC-SAFT Equation of State 
In 2001, Gross and Sadowski published an extension of their previous work on the 
application of the perturbation theory of Barker and Henderson [20] for a hard-chain 
reference fluid [6] wherein the equation of state was extended to real fluids by optimizing 
the constants of power series to the experimental vapour pressures and vapour, liquid and 
supercritical densities of n-alkanes. Before tuning the model constants, the pure 
component parameters for n-alkane compounds had to be obtained. To do this, a Lennard-
Jones perturbing potential was assumed by Gross and Sadowski in Eq. 2.11 and Eq. 2.12 
and an expression for the average radial distribution function 𝑔(𝑟)ℎ𝑐  for hard chains 
suggested by Chiew [17] was used. They determined the power series 𝐼1  and 𝐼2  for 
Lennard-Jones-like chains in the next step. The three pure compound parameters 𝑚, 𝜎 
and 𝜀 of the n-alkanes were subsequently optimised by fitting the EoS to the vapour 
pressures and saturate liquid densities of n-alkanes. The coefficients 𝑎0𝑖, 𝑎1𝑖, 𝑎2𝑖, 𝑏0𝑖, 𝑏1𝑖 
and 𝑏2𝑖were then adjusted to the vapour pressures and liquid, vapour, and supercritical 
densities of n-alkanes using the optimised pure compound parameters [6].  
The final form of the equation of state is expressed as Eq.2.23 which has two contributions 









        Eq. 2.23 
where the hard chain contribution to the residual Helmholtz free energy is obtained from 
Eq. 2.4-2.8 and the dispersion term is calculated using the equation below:  
𝑎𝐷𝑖𝑠𝑝𝑒𝑟𝑠𝑖𝑜𝑛
𝑅𝑇
= −2𝜋𝜌𝐼1(𝜂, ?̅?)𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ − 𝜋𝜌?̅?𝐶1𝐼2(𝜂, ?̅?)𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅      Eq. 2.24 
The van der Waals mixing rules are applied to account for unlike segments interactions 
in 𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ and 𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅  abbreviations. 𝐼1 and 𝐼2 expressions are calculated using Eq. 15 
and Eq. 2.16. 
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𝑗𝑖        Eq. 2.25  







𝑗𝑖      Eq. 2.26 
?̅? = ∑ 𝑥𝑖𝑚𝑖𝑖           Eq. 2.27 
The 𝐶1 abbreviation is calculated using the following equation  







= (1 + ?̅?
8𝜂−2𝜂2
(1−𝜂)4
+ (1 − ?̅?)
20𝜂−27𝜂2+12𝜂3−2𝜂4
(1−𝜂)2(2−𝜂)2
)−1     Eq. 2.28  
The compressibility factor is then calculated using the thermodynamic relation below: 








        Eq. 2.29 
As expressed in Eq. 2.30, the compressibility factor of the system is the summation of the 
hard-chain and dispersion contributions and compressibility factor of an ideal gas. 
𝑍 = 1 + 𝑍ℎ𝑎𝑟𝑑 𝑐ℎ𝑎𝑖𝑛 + 𝑍𝑑𝑖𝑠𝑝𝑒𝑟𝑠𝑖𝑜𝑛       Eq. 2.30 
where the hard chain and dispersion terms in the Eq. 2.30 are calculated using the 
expressions below. 





      Eq. 2.31 
The hard sphere contribution to the compressibility factor and the derivative of the radial 










































) Eq. 2.33 
In the PC-SAFT equation of state, a temperature dependant segment diameter (Eq. 2.9)) 





𝑖  where 𝑑𝑖 is 
calculated using Eq. 2.9. 




𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ − 𝜋𝜌?̅?[𝐶1
𝜕(𝜂𝐼2)
𝜕𝜂
+ 𝐶2𝜂𝐼2𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ]   Eq. 2.34          
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where the abbreviations 𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ and 𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅  are calculated using Eq. 2.25 and Eq. 2.26. 
The new abbreviation 𝐶2 =
𝜕𝐶1
𝜕𝜂





+ (1 − ?̅?)
2𝜂3+12𝜂2−48𝜂+40
(1−𝜂)(2−𝜂)3
)     Eq. 2.35      




= ∑ 𝑎𝑖(?̅?)(𝑛 + 1)𝜂
𝑛6
𝑛=1        Eq. 2.36           
𝜕𝐼2(𝜂,𝑚)
𝜕𝜂
= ∑ 𝑏𝑖(𝑚)(𝑛 + 1)𝜂
𝑛6
𝑛=1       Eq. 2.37 




 which is converted to 
𝑚𝑜𝑙
𝑚3







Therefore, pressure is calculated in Pa unit through the general PVT relation: 
𝑃 = 𝑍(6.022×10−7)𝜌𝑅𝑇         Eq. 2.38 
Similarly, the density of fluid must be calculated numerically using appropriate root 
finding algorithms with initial guess of  𝜂 = 10−12  for vapour phase and 𝜂 = 0.5 for 















)        Eq. 2.39 
For phase equilibria calculation, the fugacity of all components must be equal in all phases 
in equilibrium. The chemical potential using the PC-SAFT equation of state is calculated 



















))𝑁𝑐𝑜𝑚𝑝𝑗=1      Eq. 2.40 
where 𝑍 is the total compressibility factor of the system at the specified temperature and 
density and the derivatives of the residual Helmholtz free energy with respect to the mole 
fractions is calculated regardless of the ∑ 𝑥𝑖 = 1𝑖  meaning that different mole fractions 
cannot be written in terms of the other mole fraction for differentiation. The derivatives 
of the contributions to the free Helmholtz free energy are calculated through the 












         
= 𝑚𝑖?̃?





− (𝑚𝑖 − 1)𝑙𝑛𝑔𝑖𝑖







𝑖   
Eq. 2.41 






=         Eq. 2.42 
𝜁0,𝑥𝑖
(𝜁0)





































            Eq. 2.43 







































=         Eq. 2.45 
−2𝜋𝜌 [𝐼1,𝑥𝑖𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅ + 𝐼1(𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅)𝑥𝑖]
− 𝜋𝜌{[𝑚𝑖𝐶1𝐼2 + ?̅?𝐶1,𝑥𝑖𝐼2 + ?̅?𝐶1𝐼2,𝑥𝑖]𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅  ?̅?𝐶1𝐼2(𝑚2𝜀2𝜎3)̅̅ ̅̅ ̅̅ ̅̅ ̅̅ ̅̅ 𝑥𝑖} 
with 
(𝑚2𝜀𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅)
𝑥𝑖





𝑗       Eq. 2.46 
(𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅ )
𝑥𝑖







𝑗       Eq. 2.47 







}    Eq. 2.48 
𝐼1,𝑥𝑖 = ∑ [𝑎𝑛(𝑚)𝑖𝜁3,𝑥𝑖𝜂
𝑛−1 + 𝑎𝑛,𝑥𝑖(𝑚𝑖)]
6
𝑛=1       Eq. 2.49 
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 𝐼2,𝑥𝑖 = ∑ [𝑏𝑛(𝑚)𝑖𝜁3,𝑥𝑖𝜂
𝑛−1 + 𝑏𝑛,𝑥𝑖(𝑚𝑖)]
6




















)𝑏2𝑛       Eq. 2.51 
As mentioned before the chain and association terms in the PC-SAFT equation of state 
are the same as the chain and association terms of the SAFT equation of states. The 
association contribution to Helmholtz free energy is obtained using the equation below. 
𝑎𝑎𝑠𝑠𝑜𝑐
𝑅𝑇






)𝐴𝑖𝑖        Eq. 2.52 
where 𝑋𝐴𝑖 is the mole fraction of molecule  𝑖 not bonded to site 𝐴 in mixture with other 


















𝑋𝐴𝑖in Eq. 2.53 must be calculated numerically for all components in a mixture, however, 
for pure components, the non-bonded fractions can be calculated analytically. The pure 
component equations for 𝑋𝐴𝑖 can be found elsewhere [21]. Tan et al. proposed a  method 
for calculation of non-bonded fraction, 𝑋𝐴𝑖 and its derivatives with respect to the density, 
mole fraction and temperature [22]. The contribution of association to the compressibility 
factor and the chemical potential are obtained using the following equations. 









       Eq. 2.55 
Or according to the equation A.10 of Chapman et al. [23]  







       Eq. 2.56  



















𝐴𝑗𝑗𝐴𝑖     Eq. 2.57 
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2.3 Binary Systems of Non-Associating Components 
The PC-SAFT equation of state was used in this study to model the phase equilibria and 
thermodynamics properties of fluids involved in CO2 capture and storage as well as flow 
assurance engineering. Pure compound parameters of the PC-SAFT EoS are optimized 
using the volumetric data and phase behaviour of pure compounds to predict the 
thermodynamic properties and VLE behaviour of pure systems as accurately as possible. 
However, real systems involved in the subject of this work, are mixtures of at least two 
or more associating and non-associating components wherein different types of molecules 
are present. Gross and Sadowski [6] regressed pure compound parameters of several 
substances including normal alkanes, branched alkanes, cyclic alkanes, alkenes, 
aromatics, chlorinated hydrocarbons, permanent gases, ethers, and esters. They showed 
that using the pure compound parameters reported in their work, the PC-SAFT model is 
capable of correlating the VLE of several binary systems including, methane/n-butane, 
propane/benzene and diethyl ether/ethane with excellent agreement with experimental 
data without further tuning of the model. However, even though PC-SAFT is a robust 
model for predicting the fluid phase behaviour of pure components and several non-
associating binary systems, the need for optimizing the model for many binary or 
multicomponent systems is inevitable.  
This is done by adjusting the one binary interaction parameter 𝑘𝑖𝑗 in the dispersion term 
of the model wherein the attraction interactions between two molecules is adjusted with 
experimental VLE data of the corresponding binary systems. Gross and Sadowski 
reported the binary interaction parameter of 24 binary systems [6]. The binary systems of 
supercritical CO2 and hydrocarbon mixtures were investigated by Dong Fu et al. [24]. 
They reported the binary interaction parameters of CO2 and normal alkanes (up to nC34) 
and benzene. The binary interaction parameters of nitrogen binary mixtures with 29 
common oil components were also reported by Sanchez et al. [25]. They proposed a 
relation for calculating the 𝑘𝑖𝑗 of N2 and paraffin components based on molecular weight 
of methane and molecular weight of n-alkanes.  










)     Eq. 2.58 
In this section, the tuning approach and results for binary mixtures of several components 
with emphasis on the components relevant to CO2 capture and storage and flow assurance 
are reported. For non-associating binary mixtures, a single temperature independent 
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binary interaction parameters have been tuned and are reported. The pure parameters of 
the non-associating compounds involved in the binary mixtures to be tuned have been 
taken from different references listed in Table 2.1. The conventional Berthelot-Lorentz 
mixing rule is applied to determine the potential parameters of unlike segments pairs in 




 (𝜎𝑖 + 𝜎𝑗)         Eq. 2.59 
𝜀𝑖𝑗 = √𝜀𝑖𝜀𝑗 (1 − 𝑘𝑖𝑗)        Eq. 2.60 
To obtain an optimized 𝑘𝑖𝑗 , the Nelder-Mead version of SIMPLEX method [26] was 
applied to minimize the following objective function using experimental VLE data 
obtained from literature: 



















      Eq. 2.61 
where 𝑃𝑖
𝐸𝑜𝑆  and 𝑌𝑖
𝐸𝑜𝑆  are the calculated bubble point pressure of the mixture and the 




 are the 
corresponding experimental bubble point pressure and the experimental vapour 
composition, respectively.  
The binary interaction parameters of 82 binary systems were tuned using either 
experimental VLE data obtained from literature or in-house measured data. The 
optimized   𝑘𝑖𝑗  of each binary systems together with the references of experimental 
datasets used, the AAD %1 of the tuned model with corresponding experimental data, the 
total temperature and pressure ranges covered, the total number of data point used and 
the AAD % values of each binary system are summarized through Table 2.2 to Table 2.5. 
The binary systems were categorized into five binary groups where each group represents 







                                                 
1 Absolute Average Deviation 
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Table 2.1 Pure compound parameters for PC-SAFT from the literature for non-associating 
compounds 
Compound 𝒎 𝝈 (Å) 𝜺 𝒌𝑩⁄
(𝑲) Reference 
methane 1.0000 3.7039 150.03 [6] 
ethane 1.6069 3.5206 191.42 [6] 
propane 2.002 3.6184 208.11 [6] 
n-butane 2.3316 3.7086 222.88 [6] 
n-pentane 2.6896 3.7729 231.2 [6] 
n-hexane 3.0576 3.7983 236.77 [6] 
n-heptane 3.4831 3.8049 238.4 [6] 
n-octane 3.8176 3.8373 242.78 [6] 
n-nonane 4.2079 3.8448 244.51 [6] 
n-decane 4.6627 3.8384 243.87 [6] 
n-dodecane 5.306 3.8959 249.21 [6] 
n-tetradecane 5.9002 3.9396 254.21 [6] 
n-pentadecane 6.2855 3.9531 254.14 [6] 
n-hexadecane 6.6485 3.9552 254.14 [6] 
n-octadecane 7.3271 3.9668 256.2 [6] 
n-eicosane 7.9849 3.9869 257.75 [6] 
n-octacosane 10.7117 4.0783 270.6104 [6] 
n-triacontane 11.3889 4.0997 273.394 [6] 
n-dotriacontane 12.0661 4.1211 276.1776 [6] 
n-hexatriacontane 13.4205 4.1639 281.7448 [6] 
n-tetratetracontane 16.1293 4.2495 292.8792 [6] 
CO2 2.0729 2.7852 169.21 [6] 
H2S 1.7163 3.009 224.96 [27] 
argon 0.9285 3.4784 122.23 [6] 
SO2 2.8611 2.6826 205.35 [6] 
N2 1.2053 3.313 90.96 [6] 
O2 1.1217 3.21 114.96 [27] 




























ethane -0.0056 122.04-283.15 0.1079-66.571 147 3.12% 1.84% [28]–[37] 
propane 0.0033 90-360.93 0.107-101.63 156 2.44% 1.29% [28], [32], [38]–[44] 
nC8 0.0205 223.15-423.15 10.35-288.78 92 6.53% 0.76% [45] 
nC9 0.0192 223.15-423.16 10.133-323.23 124 5.57% 0.37% [46], [47] 
nC12 0.0306 323.15-373.15 13.3-103.8 12 2.21% - [48] 
nC14 0.0248 294.8-447.6 19.9-95-4 24 3.53% - [49] 
nC16 0.0619 189.3-623.15 4.9-249.3 14 3.63% 0.14% [50] 
nC18 0.0297 323-447.6 19.9-95-9 24 4.02% - [49] 
nC20 0.0398 323.2-573.15 0.95-10.69 35 4.73% - [51]–[53] 
nC28 0.0275 348.2-423.2 0.93-7.09 19 3.53% - [51] 
nC32 0.0256 343.15 15.85-66.3 10 4.9% - [51] 
nC36 0.0341 373.2-423.2 8.7-79.3 14 2.74% - [51] 
nC44 0.0322 373.2-423.3 6.8-55.7 15 2.27% - [51] 
N2 0.0320 88.71-183.15 0.212-44 550 2.54% 6.12% [42], [54]–[62] 
H2S 0.0539 222.2-352.98 7.1-134.38 131 5.60% 5.89% [63]–[66] 
N2O 0.0911 273.15-298.15 20.26-83.15 19 10.86% 47.47% In-house Data 
 
The binary interaction parameter for binary systems containing methane was tuned to 
experimental VLE data from various references except for the methane/N2O system 
which was tuned to in-house VLE measured data. The P-xy diagrams of a few selected 
binary systems are plotted in Figure 2.2 to Figure 2.4. The highest deviation from 
experimental data was observed for nitrous oxide/methane where the AAD % value of 
calculated vapour phase composition is 47% while the model calculation for the bubble 
point pressure of the mixture shows a reasonable deviation from experimental data. As 
can be seen from Figure 2.2 to Figure 2.4 at each temperature the deviation from 




Figure 2.2 P-xy diagram of methane-H2S system at 273.2 K, 310.93K and 344.26K: Comparison 
with tuned PC-SAFT model and experimental data (273.2: [66], 310.93:[64] , 344.26: [63]) 
 
Figure 2.3 P-xy diagram of methane-nitrogen system at 110.93 K, 155.37 K, 172.04 K and 120 K: 
Comparison with tuned PC-SAFT model and experimental data (110.93 K: [54] , 155.37 K: [54], 













































Figure 2.4 P-xy diagram of methane-n-nonane system at 223.15 K, 323.015 K and 423.15 K: 
Comparison with tuned PC-SAFT model and experimental data (223.15 K: [47], 323.15 K:[47], 
423.15 K:[47]) 
Detailed information of the 𝑘𝑖𝑗 optimisation of CO2 binary mixtures are listed in Table 
2.3 and the experimental and calculated VLE of a few systems are plotted together in the 
Figure 2.5 and Figure 2.6. Several datasets were used for tuning of CO2 binary systems 
to cover all the available data reported for these systems while for CO2/CO and CO2/N2 
systems, in-house dataset were used. For CO2/n-butane binary system around 457 data 
points were used for adjusting the  𝑘𝑖𝑗 over a wide range of temperature and pressure. 
Considering the number of data used for this system the AAD % value of 6.8 for bubble 
point pressure and 6.92 for vapour phase composition, seem to be within the variance of 































Table 2.3 Optimized binary interaction parameter of binary systems containing CO2 

















propane 0.1063 224.36-361-15 3.3-66.7 308 5.16% 4.31% [68]–[74] 
n-butane 0.1333 227.98-418.48 0.33-81.6 457 6.8% 6.92% [70], [72], [75]–[84] 
n-pentane 0.1257 252.67-458.54 1.5-96.3 202 5.01% 1.85% [70], [78], [85]–[88] 
n-hexane 0.1294 273.15-393.15 8-117 124 4.32% 0.69% [89]–[92] 
n-heptane 0.1252 310.65-477.21 1.8-133.1 134 4.42% 1.42% [75], [93], [94] 
n-octane 0.1336 304.15-348.15 15-113.5 103 7.35% 0.38% [95]–[97] 
n-nonane 0.1215 298.2-343.25 5.2-118. 38 8.78% 0.55% [98], [99] 
n-decane 0.1269 277.59-594.2 3.44-188 207 10.42% 1.15% [94], [98], [100]–[104] 
nC14 0.1710 344.3 110.7-163.6 18 10.24% - [105] 
nC16 0.1674 463.05-663.75 20.4-51.8 16 2.85% 0.65% [106] 
nC19 0.1629 313.15-333.15 11.1-79.5 35 6.94% - [107] 
nC20 0.1551 310.15-573.35 0.5-33.5 109 5.75% - [52], [108]–[110] 
C22 0.1470 323.2-473.2 63.7-373 20 8.04% - [108], [111] 
C24 0.1607 373.2-473.2 94-389 15 5.98% - [112] 
C28 0.1418 373.2-473.3 89-229 9 11.3% - [108], [110] 
benzene 0.0989 273.15-393.2 4.36-77.2 175 5.08% 1.06% [89], [92], [110], [113]–[118] 
toluene 0.1145 290.8-477.04 2.5-152.9 252 6.95% 1.42% [116], [119]–[127] 
oxygen 0.0609 273.15-298.15 38-115 82 3.94% 4.32% [128]–[130] 
carbon monoxide -0.0325 245.61-298.15 28-110 33 3.34% 2.83% In-house Data 
argon 0.04822 233.15-299.21 15-156 76 3.42% 2.35% [131]–[133] 
nitrogen -0.0264 283.15-298.15 46-99.8 20 1.90% 1.05% In-house Data 






Figure 2.5 P-xy diagram of carbon dioxide-nitrogen system at 283.15 K, and 298.15.15 K: 
Comparison with tuned PC-SAFT model and experimental data (in-house Data) 
 
Figure 2.6. P-xy diagram of carbon dioxide-benzene system at 298.15 K, 313.2 K and 373.5 K: 











































As shown in Figure 2.5 model calculation and experimental data are in good agreement 
for the CO2/N2 system where AAD % of 1.90 and 1.05 were calculated using 24 data 
points. Very good agreement with experimental vapour phase composition was found for 
the CO2/benzene system with 1.06 AAD %, and as illustrated in Figure 2.6, the model 
accurately predicts the solubility of CO2 in the benzene-rich phase over a reasonably wide 
range of temperature from 273.15 K to 393.2K.  
In Table 2.4 the optimized BIPs and the optimization details of H2S compromising binary 
systems as well as two binary systems including SO2, binary systems of N2O/propane and 
O2/argon are reported. In-house datasets were used for tuning the model for N2O/propane, 
SO2/CO and SO2/ethane systems. As expected, an excellent agreement with the 
experimental data was found for simple spherical molecule gas mixture of O2/argon using 
140 data point with 0.39% and 1.21% AAD values for mixture bubble point pressure and 
vapour phase composition respectively. The highest deviation from experimental vapour 
composition was found for N2O/propane the AAD of 6.35% was observed between model 
calculation and experimental data. The calculated and experimental VLE of SO2 and CO 
binary system is also displayed in Figure 2.7. 
 
Table 2.4 Optimized binary interaction parameter of binary systems containing H2S, SO2, N2O and 
O2 
 








propane 0.0811 217.04-358 1.379-57.22 224 3.29% 5.78% [136]–[139] 
pentane 0.0764 277.59-444.26 1.379-89.77 56 2.28% 2.46% [140] 
hexane 0.0760 322.95-422.65 4.3-75.4 25 3.32% 0.76% [95], [141] 
heptane 0.0863 310.9-394.3 6.06-95.4 19 4.58% - [142] 
octane 0.0842 288.15-303.15 1.01 4 0.52% - [95] 
nonane 0.0888 310.93-477.59 1.3-27.6 15 2.10% 0.97 % [143] 
decane 0.0865 277.59-523.15 1.37-133.4 71 4.56% 0.19% [144], [145] 
nC15 0.0759 422.6 11.3-112.1 8 2.25% - [141] 
nC20 0.0825 322.9-423.3 4-76.7 28 6.12% - [146] 
SO2 carbon monoxide 0.0028 324.47-385.71 29.3-19.4 25 3.48% 4.19% In-house Data 
ethane 0.0825 303.15-323.15 8-74.4 24 3.3% 1.99% In-house Data 
N2O propane 0.1625 263.85-348.15 7.1-65.1 34 6.99% 6.35% In-house Data 





Figure 2.7. P-xy diagram of SO2-CO system at K, 324.47 K, 344.93 K and 385.71 K: Comparison 
with tuned PC-SAFT model and experimental data (In-house Data) 
The binary interaction parameters of 13 binary mixtures containing nitrogen were 
adjusted to literature and in-house VLE experimental data. For those systems, which the 
composition of the vapour phase was not available, only the bubble point pressure of the 
mixture was used in the objective function. The calculated P-xy diagrams of nitrogen-
argon system have been plotted against the experimental data in the Figure 2.8 at 83.82 
K, 99.98 K and 119.98 K. The BIP optimization details for binary systems containing 
nitrogen are reported in Table 2.5. Like the argon/O2 system, excellent agreement 
between calculated and experimental VLE data was found at 83.82 K, 99.98 K and 119.98 
K for argon/N2 system. Figure 2.9 compares the calculated solubilities of nitrogen in 
normal eicosane at 323 K to 423 K and experimental data where 3.22% deviation was 
calculated between calculated and experimental solubilities at the whole range of 

























Table 2.5 Optimized binary interaction parameter of binary systems containing nitrogen 
 










propane 0.0872 114.1-353.15 1.50-219.1 131 10.55% - [149]–[153] 
butane 0.0991 153.15-422.04 4.05-285.1 113 9.73% 13.46% [77], [82], [154]–[157] 
pentane 0.1001 144.3-377.59 2.5-310.7 37 5.23% 1.10% [158] 
heptane 0.1242 298.15-455.37 19.6-998.5 108 4.64% 4.95% [121], [159]–[164] 
octane 0.1437 233.15-373.35 2.02-350.4 67 11.51% - [163], [165], [166] 
nonane 0.1335 322-344.3 37.2-347.4 12 2.72% - [163] 
decane 0.1045 310.93-410.93 17.2-346.4 101 7.8% 0.19% [163], [167] 
nC12 0.1545 344.15-410.9 12.9-95.5 25 3.27% - [17f2] 
nC16 0.1395 323.15-473.15 49-294 15 7.10% - [168] 
nC20 0.1634 323.2-423.2 38.3-172.3 20 3.22% - [168] 
nC28 0.1617 348.2-423.2 43-164.7 19 2.22% - [168] 
nC36 0.1637 373.15-423.15 53-171.1 12 2.04% - [168] 
argon -0.0053 85.03-122.89 0.8-28.3 453 1.02% 0.62% [55], [169]–[177] 
 
 
Figure 2.8 P-xy diagram of Ar-N2 system at K, 83.82 K, 99.98 K and 119.98 K: Comparison with 





















Figure 2.9 P-x diagram of N2-nC20 system at K, 323.2 K, 373.2 K and 432.2K: Comparison with 
tuned PC-SAFT model and experimental data ([168]) 
Binary mixtures of ethane and N2, CO2, H2S, N2O and a number of normal alkanes have 
been investigated, and the optimised binary interaction parameters are reported in Table 
2.6. AAD of 3.56% was found from experimental bubble point pressure for the 
ethane/decane system while the predictions for vapour phase composition agree well with 















































propane -0.0041 127.59-369.18 0.0002-51.849 314 3.12% 3.39% [44], [178]–[186] 
butane 0.0087 235.35-419.25 1.613-57.9 79 2.93% 1.85% [187]–[191] 
pentane 0.0119 277.59-44.56 3.477-682457 80 2.08% 1.32% [192] 
hexane 0.0044 310.9-449.82 1.7237-79.015 84 6.00% - [187], [193] 
heptane 0.0083 234.85-524.25 6.89-88.185 141 2.33% 1.28% [187], [194] 
octane 0.0208 273.15-373.15 4.0527-68 77 2.37% 0.66% [97], [195] 
decane 0.0198 277.59-510.93 3.4474-118.25 93 3.56% 0.66% [196]–[198] 
nC12 0.0202 298.15-373.15 2.9-58.4 77 3.38% - [46], [162], [199] 
nC14 0.0244 323.2-422.7 20.2-80 21 3.5% - [200] 
nC18 0.0241 323.3-422.5 9.4-81.7 22 3.26% - [201] 
nC20 0.0207 323.15-572.85 5.05-76.87 30 4.32% - [52] 
nC36 0.0242 373.15-473.15 3.68-47.6 13 1.21% - [202] 
nC44 0.0234 373.15-423.16 3.87-31.07 15 3.48% - [202] 
N2 0.0412 110.93-290 1.965-134.66 260 7.23% 13.03% [31], [33], [41], [57], [150]–
[152], [203], [204] 
CO2 0.0954 222.04-298.15 6.24-66.3 301 1.03% 5.28% [30], [37], [71], [72], [150], 
[191], [205]–[209] 
H2S 0.0685 199.93-357.87 0.6516-82.73 56 1.59% 1.97% [210] 
N2O 0.1514 273.15-293.05 16.47-43.43 37 8.79% 12.57% In-house Data 
 
Figure 2.10 shows the calculated and experimental P-xy diagram of the nitrogen-ethane 
system at 149.82 K, 194.26 K and 122.04 K where the agreement between model 
calculations and experimental data appeared to be excellent at both temperatures. 
Furthermore, as seen in Figure 2.10, a liquid-liquid immiscibility is observed at 122.04 K 
between nitrogen-rich and ethane-rich phases where with increasing the mole fraction of 
ethane in the system, the boiling point pressure of the system remains constant at roughly 
the bubble pressure of pure nitrogen at 122.04 K. This means that, at this temperature 
with increasing the amount of nitrogen in the system two immiscible phases are formed 
and with further increasing the nitrogen content of the system only molar phase fraction 
of the nitrogen-rich phase increases and the bubble point on the mixture remains almost 
constant at around the bubble pressure of pure nitrogen at 122.04 K. The calculated VLE 
of ethane-n-dodecane is plotted in Figure 2.11 together with experimental data at 308.15 
K to 373.15 K. Calculated and experimental data of CO2/ethane system are compared in 
Figure 2.12 where shown that model correlates the experimental data very well at 230 K, 
283.15 K and 250 K and predicts the azeotrope composition of the system at those 




Figure 2.10 Vapour-liquid and liquid-liquid equilibria of N2-ethane system at K, 149.82 K, 194.26 K 
and 122.04 K: Comparison with tuned PC-SAFT model and experimental data (149.82 and 194.26: 
[57], 122.04: [33]) 
 
Figure 2.11 P-xy diagram of nC12-ethane system at 308.15 K, 298.15 K, 348.15 K, 323.15 K and 
373.15 K: Comparison with tuned PC-SAFT model and experimental data (298.15 K, 348.15K, 













































Figure 2.12 P-x diagram of CO2-ethane system at 250 K, 283.15 K and 230 K: Comparison with 
tuned PC-SAFT model and experimental data (230K: [206], 283.15: [209], 250 K: [30]) 
 
2.4 Modelling of Pure Water 
Natural gases are in equilibrium with brines at reservoir conditions. In multi-phase 
transportation pipelines or downstream natural gas treatment facilities natural gas may be 
saturated with water or brine. A small moisture content in the transportation pipelines can 
results in hydrate formation and pipeline blockage, damage to the pipeline facilities and 
severe disruption in the operation. To assess the risk of hydrate formation using modelling 
approach, an accurate thermodynamic model is required to precisely predict the hydrate 
stability zone of the fluid.  
Polar fluids or associating compounds in which hydrogen bonding and electrostatic 
interactions are prominent such as water, methanol, ethanol and glycols, play a significant 
role in flow assurance systems of concern. Therefore, a robust model which is capable of 
predicting the phase behaviour of such systems is needed. Five pure compound 
parameters are required for the PC-SAFT equation of state, and as mentioned before, two 
of which characterise the interaction between associating molecules. The pure component 
parameters for such compounds are usually obtained by tuning the model with 
experimental vapour pressure and saturated liquid density data of the pure compound. 




















expectation from the model in predicting a particular property within a desired conditions 
or accuracy.  
In this work, a new set of PC-SAFT EoS pure compound parameters was tuned to model 
the phase equilibria and PVT behaviour of water accurately. To do this, based on von 
Solms et al. conclusion [211], the 4C association scheme was selected to describe the 
associating site structure of the water molecule. Saturated liquid density and vapour 
pressure of water were simultaneously tuned to smoothed data taken from NIST [212]. 
To account for the unique behaviour of water density at the temperature range 0 °C-4 °C 
and also to increase the capability of the model in calculating the water fugacity needed 




and a temperature dependant segment diameter parameter 𝜎 were introduced in this work. 
All parameters were adjusted to experimental saturated liquid densities and vapour 
pressures of pure water at 273.15 to 523.15 K. The resulting optimized 
𝜀
𝑘𝐵
 and 𝜎 values 
were then regressed to a third order polynomial equation to correlate the pure compound 
parameters with temperature. A temperature independent objective function was adopted 
to optimize the segment number 𝑚 and association parameters, 
𝜀𝐴𝐵
𝑘
 and 𝜅𝐴𝐵 and then a 
temperature dependent objective function was applied to further adjust the temperature 
dependant parameters with experimental data. 































)     Eq. 2.63 
The resulting correlations for temperature dependent 
𝜀𝑤𝑎𝑡𝑒𝑟
𝑘𝐵





2 + 𝐴1𝑇 + 𝐴0       Eq. 2.64 
𝜎𝑤(𝑇) = 𝐵3𝑇
3 + 𝐵2𝑇
2 + 𝐵1𝑇 + 𝐵0       Eq. 2.65 
Optimized PC-SAFT pure water parameters, as well as the coefficients of the polynomial 















𝐴1 - 4.0452E-01 




𝐵1 - 2.6247E-03 







To check the predictive capability of the model using the new set of parameter, the vapour 
pressure and saturated liquid density of pure water together with water freezing point at 
atmospheric pressure were tested against experimental data. von Solms et al. presented 
seven sets of pure compound parameters for water using the 4C scheme and incorporated 
measured monomer fractions using spectroscopy [211]. According to their publication, 
using the adjusted pure compound parameters, better predictions were obtained for the 
monomer fraction, without compromising the prediction accuracy of the liquid density 
and vapour pressure [211]. A temperature dependent segment diameter was also 
introduced by Held et al. to account for the unique behaviour of water density with respect 
to temperature changes below 4 °C [213]. This parameter set was adjusted at 273.16 to 
373.15 K. Table 2.8 summarizes the water pure parameter reported in the literature. Table 
2.9 also compares the calculated freezing points and the AAD % values of calculated and 
experimental vapour pressure and saturated liquid density at 273.14 K to 520 K using the 
pure parameter set adjusted in this work and those reported by others.  
 
Table 2.8 This work and literature PC-SAFT pure compound parameters for water  
Associating 
Scheme 







2B [214] 1.0656 3.0007 366.51 2500.7 0.034868 
4C [211] 2 2.3533 207.84 1506.4 0.1550 
4C [211] 3 2.0135 182.92 1259 0.4287 
2B [213] 1.204659 Eq. (7) 353.9449 2425.6714 0.0450989 




Table 2.9 Calculated freezing point and AAD % of calculated vapour pressure and saturated liquid 
















[214] 3.92% 7.50% 281.766 8.616 
[211] 10.49% 0.95% 282.101 8.951 
[211] 12.97% 1.20% 282.834 9.684 
[213] 2.05% 0.42% 274.818 1.668 
This work 0.08% 0.16% 273.201 0.051 
 
As presented in Table 2.9, the calculated freezing point using the pure compound 
parameters regressed in this work deviates 0.051 K from the experimental data while the 
best deviation obtained using the literature sets of parameters is the one calculated by 
Held et al. set of parameters with 1.668 K deviation from pure water freezing point at 
atmospheric pressure. Using the parameters reported by von Solms et al. the freezing 
point of water is calculated around 8 °C which can lead to significant error in hydrate 
calculations. The vapour pressure and saturated liquid density of water are plotted versus 
temperature in the Figure 2.13 and Figure 2.14 together with the vapour pressure and 
saturated liquid density of water using the parameters reported in the literature. The AAD 
% of saturated liquid density calculated using Gross and Sadowski set of parameters [214] 
is 7.5% while the vapour pressure is predicted reasonably well using this set of parameter 




Figure 2.13 Calculated vapour pressure of water with PC-SAFT model using different sets of pure 
compound parameters (Applied pure parameters from Gross and Sadowski [214], von Solms et al. 
[211] and Held et al. [213]) 
 
Figure 2.14 Calculated saturated liquid density of water using PC-SAFT model and different sets of 
pure compound parameters (Applied pure parameters from Gross and Sadowski [214], von Solms 
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The calculated vapour pressures and saturated liquid density using Held et al. set of 
parameters also shows a very good agreement with experimental data over a wide range 
of temperature despite the fact that the parameters were adjusted to saturation data of 
water between 273.15 to 373.15 K [213]. Excellent agreement with experimental data 
was found for the parameters developed in this work where the vapour pressure and liquid 
density of water are calculated with 0.08% and 0.16% average deviation from 
experimental data respectively.  
 
2.5 Binary Systems of Water and Non-Associating Components 
Using the new developed PC-SAFT pure compound parameters for water, binary 
interaction parameters between water and non-associating components must be optimized 
using experimental solubility data. For 37 water and non-associating binary systems, 
temperature dependent 𝑘𝑖𝑗 were introduced and adjusted with experimental VLE or LLE 
data to increase the ability of the model in phase equilibria behaviour modelling of such 
systems. It is worth noting that even though temperature dependant pure compound 
parameters were introduced, the optimized BIPs for non-associating molecules are highly 
temperature dependant. Conventional Lorentz-Berthelot mixing rules were employed 
here where the tuned binary interaction parameters (𝑘𝑖𝑗 ) is introduced to adjust the 
dispersive interactions between a pair of unlike molecules of a mixture. Association 
volumes and energies were combined arithmetically and geometrically respectively in the 
association contribution calculations. No additional parameter was introduced for tuning 
the association energies. The following objective function was chosen to minimized by 
the Nelder-Mead version of SIMPLEX algorithm [26]. 











        Eq. 2.66 
where 𝑥𝑖 is the solubility of the non-associating component in pure water at specified 
temperature and pressure. All the temperature dependent binary interaction parameters 
were fitted to a polynomial equation of second order (Eq. 2.67) which the coefficients are 
reported in Table 2.10. 
 
𝑘𝑖𝑗(𝑇) = 𝐴2𝑇






Table 2.10 Coefficients of the temperature dependent BIP polynomial function 




methane -7.0477 3.6599 -4.2038 
ethane -5.5634 3.2466 -3.9384 
propane -4.8241 2.9925 -3.8098 
iso-butane -17.9951 12.0075 -19.2017 
n-butane -7.3857 4.9239 -7.3076 
iso-pentane -10.3372 6.9431 -10.6951 
argon -9.6993 4.9145 -5.5884 
n-hexane -4.8564 3.1718 -4.1279 
n-octane -3.2583 2.2943 -2.9489 
n-nonane -6.5025 4.1820 -5.5976 
benzene -1.1752 1.0391 -1.4584 
carbon monoxide -9.9497 4.8389 -6.0950 
cyclo-pentane -2.3783 1.8058 -2.1350 
hydrogen sulphide -0.4558 0.4996 -1.1768 
ethyl benzene -2.1620 1.6189 -2.1891 
hydrogen -4.5166 -0.0128 1.2204 
krypton -4.5272 2.4753 -2.3257 
methyl cyclo hexane -4.3926 3.0959 -4.1080 
methyl cyclo pentane 2.6474 -0.8548 0.8506 
nitrous oxide -10.0552 6.5201 -10.7829 
nitrogen -6.3417 3.2008 -3.7119 
oxygen -8.0269 3.9697 -4.1975 
toluene -1.3367 1.1065 -1.4763 
xenon -4.4317 2.4913 -2.6629 
p-xylene -1.7249 1.3916 -1.9802 
m-xylene -2.5863 1.9197 -2.7801 
o-xylene 1.2724 -0.5631 1.2810 
cyclo-hexane -2.4374 1.7991 -2.3004 
n-decane 0.104233 0 0 
n-C12 -1.5088 1.3433 -1.7101 
n-C14 -0.5722 0.6522 -0.6273 
n-C16 -0.1887 0.3362 -0.1444 
n-C18 0.4617 0 0 
n-C20 -1.3035 0.6871 -0.4034 
n-C30 0.0102 0 0 
n-C36 -0.0844 0 0 
 
For binary systems of water and decane, nC18, nC30 and nC36 where only one single 
experimental solubility point was available, non-temperature dependent BIPs are 
reported. Table 2.11 summarized the temperature and pressure ranges of the experimental 
data used for tuning BIPs together with the resulting total AAD % of each system. In 
Figure 2.15 PC-SAFT and Duan [215] model calculations for solubilities of methane in 
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pure water are plotted where the AAD % of 3.51% was obtained at 273.15 K to 523.15 K 
temperature range and 1 to 2000 bar pressures. The calculated solubilities of H2S in pure 
water using PC-SAFT and Duan model [216] were compared in Figure 2.16 at 303.15 K 
to 483.15 K. As shown in Figure 2.16 the agreement between model calculations is 
relatively good except for the solubilities at 483.15 K where a higher deviation, i.e. AAD 
% of 8.04% was calculated due to proximity to the critical region. Solubilities of heavy 
normal alkanes are also plotted against experimental solubility data of normal 
tetradecane, normal hexadecane and normal eicosane at the fixed pressure of 50 bar in 
Figure 2.17. Results show very good agreement with the experimental data for all three 
normal alkanes. However, some deviations are observed at low temperatures for 


























Table 2.11 Details of the experimental data used for binary interaction parameter of water/non-
associating binary system as well as the resulting average absolute deviations for these systems 












methane 273.15-523.15 1.0-2000.0 231 3.51% [217] 
ethane 273.15-444 1.0-1000.0 201 2.14% [218] 
propane 273.15-422.04 0.1-192 219 5.07% [219]–[235] 
iso-butane 278.15-318.15 1.01 14 5.86% [227], [228], [231] 
n-butane 273.15-363.15 1.01 100 5.93% [140], [221]–[224], [227]–[230], [236]–[245] 
iso-pentane 273-333.15 1.01 18 3.68% [246]–[250] 
argon 283.15-453.7 1.01-25.26 61 2.89% [251]–[258] 
n-hexane 273.15-443.15 0.1-50 33 10.89% [220], [223], [247], [249], [250], [259]–[266] 
n-octane 273.15-456.15 1.01 21 9.14% [246], [247], [249], [265] 
n-nonane 293.15-409.95 1.01 23 29.02% [246], [250], [261], [265], [267] 
benzene 273.15-473.15 1.01 129 4.69% 
[246], [247], [249], [250], [262], [263], [266], [268]–
[290] 
carbon monoxide 273.15-477.59 1.01-137.9 119 4.52% [96], [291]–[294] 
carbon dioxide 293.15-513.15 1-1000 220 1.42% [295] 
cyclo-pentane 276.45-373 1.01 12 9.68% [246], [249], [286] 
hydrogen sulphide 303-513.15 1-200 79 6.80% [216] 
hydrogen 273.15-616.48 3.4-1013 99 8.55% [296]–[303] 
krypton 277.15-523.5 1.01-67 35 6.84% [251], [254], [257], [304]–[306] 
methyl-cyclo-
hexane 
298-423 1.01 12 4.69% [231], [246] 
methyl-cyclo-pentane 298.15-457.15 1.01 8 3.55% [231], [246], [249], [250], [307] 
nitrous oxide 278.15-355.4 1.01 79 3.65% [308]–[315] 
nitrogen 393-573 10-600 84 6.29% [316] 
oxygen 273-603 1.01-1000 162 9.56% [317] 
toluene 273-485 1.01-68 118 5.03% 
[224], [228], [246], [247], [249], [259], [263], [269], 
[271], [274], [275], [278], [279], [318], [319] 
xenon 277.15-476.3 1.01-54.2 25 8.08% [251], [254], [257], [304], [306] 
p-xylene 273-363 1.01 35 0.15% [246], [247], [250], [272], [318], [320], [321] 
m-xylene 273-343 1.01 9 4.25% [246], [247], [250], [272], [321]–[323] 
o-xylene 273-318 1.01 16 13.45% [228], [246], [247], [250], [272], [320], [321], [323] 
cyclo-hexane 274-424 1.01 31 4.75% 
[228], [231], [246], [250], [262]–[264], [271], [287], 
[290] 
n-decane 293-298 1.01 4 7.53% [261], [267], [324], [325] 
nC12 298-423 1.01 6 7.57% [246], [326], [327] 
nC14 298-472 1.01-50 6 17.24% [326], [327] 
nC16 298-473 1.01-50 6 0.57% [326], [327] 
nC18 298 1.01 1 22.49% [327] 
nC20 298.15-473.15 1.01-50 6 1.25% [326], [327] 
nC30 298.15 1.01 1 2.57% [328] 




Figure 2.15 P-x diagram of methane-water system at 303.15 K, 363.15 K and 423.15 K, Comparison 
with tuned PC-SAFT model and Duan model ([217]) 
 
Figure 2.16 P-x diagram of H2S-water system at 303.15 K, 313.15 K, 363.15 K and 393.15 K and 
483.15 K, Comparison with tuned PC-SAFT model and Duan model predictions ([216]) 
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Duan model (2007) - 303.15 K
Duan model (2007) - 313.15 K
Duan model (2007) - 363.15 K
Duan model (2007) - 393.15 K




Figure 2.17 T-x diagram of heavy normal alkanes-water systems at P=50 bar: Comparison with 
tuned PC-SAFT model and experimental data ([326]) 
For CO2-water system, another parameter was introduced to correlate the pseudo-
retrograde behaviour of water solubility in the CO2-rich phase. A similar approach to the 
one proposed by Austegard et al. [329] was adopted in this work where the association 
strength of the CO2-water molecules are described as the association strength proportional 
to the association strength between water molecules. Both parameters were then 
simultaneously adjusted to experimental solubilities and water content data using the 
following objective function: 



























 are calculated and experimental water content of the CO2-rich phase 
respectively. Duan model [295] was used to adjust the BIP and the experimental water 
content data were taken from several references here [330]–[338]. The optimum 
temperature dependent dispersion and association BIPs are presented here.  
𝑘𝑆𝑜𝑙𝑣𝑎𝑡𝑖𝑜𝑛 = 6.12150664e − 08𝑇
3  −  6.81401597e − 05𝑇2  +  2.64147810e − 02T 






























𝑘𝑖𝑗 = 2.46105561𝑒 − 08𝑇
3  −  3.07478777𝑒 − 05𝑇2  +  1.27089464𝑒 − 02𝑇 
−  1.67616684 
Figure 2.18 shows the calculated solubilities of CO2 in water using Duan [295] and PC-
SAFT models at 288.15 K, 298.15 K, 363.15 K and 423.15 K. As the available 
experimental data below 293.15 K were limited, the tunings were performed at 293.15 K 
to 423.15 K temperature range. However, around 5.5% AAD was found between the 
model calculations at 273.15 K to 513.15 K temperature range. The model calculations 
and experimental water content in the CO2-rich phase at T<50 °C and T>100 °C are 
compared in Figure 2.19 and Figure 2.20. The AAD % of 11.08% was obtained between 
the model calculation and experimental water content data at 278.15 K to 603.15 K. 
 
Figure 2.18 VLE and LLE diagram of CO2-water system at 288.15 K, 298.15 K, 363.15 K and 




























Duan Model (2003) - 288.15 K
Duan Model (2003) - 298.15 K
Duan Model (2003) - 423.15 K




Figure 2.19 P-y diagram of CO2-water system at 298.15 K, 308.15 K, 313.15 K: Comparison with 
PC-SAFT model and experimental data (298.15 K: [339]–[342], 308.15: [340], [341], 313.15:[341]) 
 
Figure 2.20 P-y diagram of CO2-water system at 373.15 K, 423 K, 473.15 K: Comparison with PC-















































2.6 PC-SAFT Pure Compound Parameter Optimization for Glycols 
Natural gas is transferred to the natural gas processing units from reservoirs via pipelines 
at in some cases high pressures and low temperatures whereas the risk of hydrate 
formation is considerably high. To prevent hydrate formation in such systems, one option 
is to inject thermodynamic hydrate inhibitors. Alcohol based chemicals have been 
extensively used as thermodynamic hydrate inhibitors. In theory, thermodynamic hydrate 
inhibitors weaken the hydrogen bonding between water molecules and make the solid 
phase unstable at freezing point or hydrate formation conditions [343]. Methanol has been 
used extensively as thermodynamic inhibitor; however, because of some environmental 
considerations, it has been replaced by glycols recently. Glycols are organic alcohols 
wherein two hydroxyl groups are attached to a hydrocarbon chain making different types 
of glycols i.e. MEG (Mono Ethylene Glycol), DEG (Di Ethylene Glycol) and TEG (Tri 
Ethylene Glycol) and etc… glycols are usually used as antifreeze agents, thermodynamic 
hydrate inhibitors and absorbents in the natural gas industries. 
Mono-Ethylene glycol or MEG is widely used as an anti-freezing agent and hydrate 
formation inhibitor in chemical and natural gas industries. DEG1 is also used as hydrate 
inhibitor in transportation pipeline between gas production and processing facilities. 
Tetra-ethylene glycol or TeEG is used as an absorption agent in the extraction column of 
aromatic hydrocarbons purification processes [344].  
To design and control the abovementioned processes, modelling and simulation 
applications equipped with reliable models are needed to accurately predict the 
thermophysical properties and phase behaviour of such systems. The cubic plus 
association (CPA) equation of state has been extensively used for modelling of binary 
mixtures of glycol containing systems [345]–[347]. However, a few studies have been 
reported on thermodynamic modelling of glycol containing systems using SAFT and its 
extensions. Li et al. used SAFT equation of state presented by Radosz et al. [348] to model 
the VLE of CO2, some hydrocarbons, water and alcohol binary and ternary mixtures 
systems [349]. SAFT-VR was applied to model a closed loop liquid-liquid phase 
equilibria of a system containing water and poly(ethylene glycol) [350]. SAFT-VR EoS 
was also employed for hydrate phase boundary calculation in the presence of hydrate 
inhibitors [351]. Pedrosa et al. studied the effect of the molecular structure on the 
solubility of several compounds in glycols using the soft-SAFT equation of state [352]. 
                                                 
1 Di-Ethylene glycol 
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They correlated the equation of state pure compound parameters which have been fitted 
to VLE experimental data, with molecular weights of glycols. They presented a 
correlation for the chain length, size, and energy of interaction parameters with the 
molecular weight of the compounds with fixed association parameters [352]. The phase 
equilibria modelling of polyethylene glycol binary mixtures was then studied by Pedrosa 
et al. using the soft-SAFT equation of state in another publication [353]. The pure 
compound parameters for polyethylene glycol were obtained by extrapolation from the 
correlation suggested in their previous work [352]. A simplified model of PC-SAFT has 
been introduced by von Solms et al. [354] which can reduce the computational cost 
without affecting the model performance and accuracy. The simplified PC-SAFT EoS 
was used by Grenner et al. for VLE and LLE modelling of glycol and water mixtures 
where they presented new sets of pure compound parameters for glycols using 
experimental vapour pressures and saturated liquid densities [344]. In that publication, 
binary interaction parameters of glycols and some gases and aromatic hydrocarbons were 
then optimised using the literature phase equilibria data [344]. Taffazol et al. employed 
sPC-SAFT EoS to predict the thermo-physical properties of some associating fluid which 
are frequently used in oil and gas industries [355].  
In this study, new sets of pure compound parameters were optimized for MEG, DEG, 
TEG and PG by fitting the original PC-SAFT EoS to experimental vapour pressures and 
saturate liquid densities. Because the experimental data in the literature are only available 
over a limited range of temperature, data correlations available in the DIPPR database 
were used for optimization. To our knowledge, there is no study published in the literature 
on modelling of glycol containing systems using the original PC-SAFT equation of state. 
Binary interaction parameters were then adjusted to experimental VLE data of glycols 
binary mixtures. By minimizing the following objective function, new sets of pure 
molecular parameters were optimized and are reported in Table 2.12. 
 


















𝑗=1    Eq. 2.69









Table 2.12 PC-SAFT pure compound parameters used in this work for glycols. 










T (K) Scheme Ref. 
MEG 1.92591 3.57018 326.09 2050.27 0.02564 0.56 1.54 273 -475 4C This Work 
DEG 2.65502 3.79877 333.92 2313.71 0.01196 3.72 0.53 275 - 486 4C This Work 
TEG 3.40309 3.92111 324.78 2148.16 0.01963 3.58 0.44 273 -477 4C This Work 
TeEG 5.16867 3.6241 265.877 2118.96 0.09424 2.01 3.83 294 - 477 4C This Work 
PG 2.08682 3.7845 297.9 2104.09 0.02210 2.52 1.28 275 - 475 4C This Work 
MEG 1.90878 3.5914 325.23 2080.03 0.0235 5.77 2.43 273 -475 4C [344] 
DEG 3.05823 3.6143 310.29 2080.03 0.0235 12.12 0.24 275 - 486 4C [344] 
TEG 3.18092 4.0186 333.17 2080.03 0.0235 17.89 0.51 273 -477 4C [344] 
TeEG 4.7509 3.8138 309.22 2080.03 0.0235 9.04 1.05 294 - 477 4C [344] 
PG 2.33917 3.6351 284.62 2080.03 0.0235 6.92 1.19 275 - 475 4C [344] 
MEG 1.6912 3.5951 102.56 3165.30 0.029 46.25 0.87 273 -475 4C [355] 
DEG 2.9418 3.6787 320.90 1842.10 0.0334 45.52 1.19 275 - 486 4C [355] 
TEG 3.5520 3.7122 160.70 3300.00 0.0607 89.83 0.24 273 -477 4C [355] 
 
Figure 2.21 m, mε and mσ values versus molar masses of MEG, DEG, TEG, TeEG and PG. 
As reported in Table 2.12, small AAD % from experimental data were obtained at a 
relatively broad range of temperatures using the new sets of parameters optimized in this 
work for both vapour pressure and saturate liquid density. However, because of the very 
small vapour pressure values of TeEG at low temperatures, pure compound parameters 




























The AAD % of calculated and experimental vapour pressures and saturate liquid densities 
of glycols using pure compound parameters reported in the literature are also reported in 
Table 2.12. As seen in Table 2.12, using the sets of parameters suggested by Taffazol et 
al. [355], calculated vapour pressures of glycols deviate significantly from experimental 
data while the model shows a very good performance in predicting the saturated liquid 
densities. Using Grenner et al. [344] set of parameters, higher deviations from 
experimental data were obtained with respect to those calculated using this work sets of 
parameters for vapour pressures while the model shows relatively similar performance in 
calculating saturate liquid densities using all sets of parameters. A linear correlation was 
found between the molecular weight of glycols and pure compound parameters adjusted 
in this work. Figure 2.21 shows the trends of 𝑚 and scaled 𝑚𝜀 , 𝑚𝜎 and 𝑚𝜀𝐴𝐵values 
versus molar weight of glycols.  
 
Figure 2.22 and Figure 2.23 compare calculated and experimental vapour pressure and 
saturated liquid density of MEG. The best agreements with experimental saturated liquid 
density was found using the pure component parameters suggested by Tafazzol et al. 
[355] with AAD of 0.87% from experimental data while the AAD % obtained using the 
parameters developed in this work and the one reported by Grenner et al. [344] are 1.54% 
and 2.53%. Despite a good agreement obtained for saturated liquid density using Tafazzol 
et al. [355] sets of parameters, the model shows very weak performance in calculation of 
vapour pressure with around 40% AAD from experimental data while the average 
deviation using Grenner et al. [344] and this work set of parameters is 5.77% and 0.56% 
respectively. Figure 2.24 shows the model calculations using three sets of parameters for 
vapour pressure of DEG at relatively low temperatures of 274 K to 304 K. The AAD % 
obtained for vapour pressure of DEG is 3.72% using the parameters developed in this 
work and 12.12% and 45.52% for parameters reported by Grenner et al. [344] and 
Tafazzol et al. [355], respectively. As shown in Figure 2.24, the PC-SAFT equation of 
state after applying the pure parameters optimized in this work exhibits excellent 
capability in correlating the vapour pressure of DEG even at low temperatures. Figure 





Figure 2.22 Vapour pressure of MEG at 400 K to 472 K: PC-SAFT predictions using sets of pure 
parameters developed in this work and those reported in the literature. 
 
Figure 2.23 Saturated liquid density of MEG at 270 K to 470 K: PC-SAFT predictions using sets of 


























sPC-SAFT (Grenner et al 2007)






















sPC-SAFT (Grenner et al 2007)
sPC-SAFT(Tafazzol et al. 2011)
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Using the pure parameters presented by Grenner et al. [344] PC-SAFT equation of state 
performs best in liquid density calculation with 0.24% average deviation while the AAD 
% values using the pure parameters of this work and the one reported by Tafazzol et al. 
[355] is 0.53% and 1.19%, respectively. Figure 2.26 and Figure 2.27 compare the 
calculated and experimental values of vapour pressures and saturated liquid density of 
TEG. As illustrated in Figure 2.26, PC-SAFT calculated properties using this work set of 
parameters show the best agreement with experimental data. Regarding to saturated liquid 
density, as shown in Figure 2.27, using the Grenner et al. [344] pure parameters model 
performs better at moderate temperatures i.e. 300 K to 430 K, but the total AAD % 
obtained using the parameters optimized in this work is 0.44% which comparing to AAD 
% value of 0.51% for Grenner et al. parameters depicts a better agreement with 
experimental data. 
Figure 2.24 Vapour pressure of DEG at 275 K to 307 K: PC-SAFT predictions using sets of pure 






















sPC-SAFT (Grenner et al 2007)




Figure 2.25 Saturated liquid density of DEG at 270 K to 470 K: PC-SAFT predictions using sets of 
pure parameters developed in this work and those reported in the literature. 
 
Figure 2.26 Vapour pressures of TEG at 270 K to 350 K: PC-SAFT predictions using sets of pure 
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Figure 2.27 Saturated liquid density of TEG at 270 K to 480 K: PC-SAFT predictions using sets of 
pure parameters developed in this work and those reported in the literature. 
 
Figure 2.28 Vapour pressure of PG at 400 K to 472 K: PC-SAFT predictions using sets of pure 






















sPC-SAFT (Grenner et al 2007)






























Figure 2.29 Saturated liquid density of PG at 270 K to 480 K: PC-SAFT predictions using sets of 
pure parameters developed in this work and reported in the literature. 
Figure 2.28 and Figure 2.29 compare the calculated and experimental values of vapour 
pressure and saturate liquid density of poly ethylene glycol (PG). Similar to other glycols, 
the predicted vapour pressure agrees with the experimental data using the parameters 
developed in this work with AAD % of 2.52% while this value is 6.92% using Grenner 
et al. [344] parameters. Despite the good results for calculated vapour pressures using this 
work parameters compare to one reported by Grenner et al., calculated saturated liquid 
densities using this study parameters deviate slightly more than those calculated using 
Grenner et al. parameters with AAD of 1.28% and 1.19% respectively.  
 
2.7 Binary Interaction Parameters for Glycols with Non-Associating Compounds  
The binary mixtures of MEG, DEG, TEG and TeEG with several non-associating 
components are being investigated in this section. Temperature dependent binary 
interaction parameters are introduced to correlate the VLE/LLE of glycol binary systems 
as accurately as possible. The tuned temperature dependent 𝑘𝑖𝑗  were then fitted to a 
polynomial equation of the second order (Eq. 2.70). However, the BIP of several binary 
mixtures showed a linear trend with temperature.  
𝑘𝑖𝑗 = 𝐴2𝑇





















sPC-SAFT (Grenner et al 2007)
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The tuning details including the coefficients of the polynomial equation of the BIPs, the 
temperature and pressure ranges of the experimental data covered for each binary system, 
the total absolute average deviation from experimental data and the dataset(s) used for 
tunings are summarized in Table 2.13 and Table 2.14. As can be seen from Table 2.13, 
all the BIPs obtained for MEG binary mixtures except for methane and CO2 containing 
systems follow a linear trend with temperature.  
 
Table 2.13 Binary interaction parameters of MEG and several non-associating compounds 
Binary System 𝒌𝒊𝒋 T-range P-range AAD % Ref of Data 
  






CO2 3.7244E-01 -2.1546E-03 3.7842E-06 263.15-323.15 1.06-249 6.95% In-house Data 
methane -2.1493E-01 1.5438E-03 -2.1172E-06 283.2-398.15 1.05-400.6 4.33% [356]–[358] 
ethane 2.3962E-01 -4.2678E-04 0 283.2-308.15 1.01-40 6.74% [356], [359] 
propane 3.3894E-02 3.1743E-05 0 298.15-398.15 0.823-194.8 1.94% [360] 
N2 2.5464E-01 -3.2311E-04 0 323.15-398.15 16-396 6.66% [357] 
toluene 4.0513E-01 -1.0298E-03 0 279.1-361 1.01 1.90% [361] 
benzene -1.2054E-03 4.3425E-01 0 279.2-342.1 1.01 0.75% [361] 
hexane 3.1135E-01 -7.9282E-04 0 307.95-330.35 1.01 5.71% [362] 
heptane 3.2269E-01 -7.7541E-04 0 315.95-351.85 1.01 6.66% [362] 
methyl-cyclo 
-hexane 
3.7048E-01 -8.8110E-04 0 312.65-351.85 1.01 6.05% [362] 
 
Table 2.14 Binary interaction parameters of DEG, TEG and TeEG and several non-associating 
compounds 
Binary System 𝒌𝒊𝒋 T-range P-range AAD % Ref of Data 
  






CO2 -1.285E-01 9.854E-04 -1.18E+00 298.15-398.15 0.39-211 4.28% [363] 
ethane 2.822E-02 9.000E-05 0 298.15-398.15 0.25-404.5 4.29% [364] 





CO2 4.3523E-02 1.3541E-04 0 298.15-398.15 1.05-202.5 2.16% In-house Data 
methane 2.4432E-02 1.6829E-04 0 298.15-398.15 1.092-196.9 1.63% [365] 
propane 2.4101E-01 -1.1542E-03 1.8448E-06 298.15-348.15 0.159-17.5 7.71% [365] 
ethane 5.5717E-02 6.5388E-05 0 298.15-373.15 1.1-101 2.02% [365] 






benzene -1.5706E+00 7.5966E-03 -9.1287E-06 354.24-441.33 1.01 4.64% [366] 
toluene -1.2174E+00 5.4851E-03 -6.1503E-06 386.33-454.89 1.01 4.10% [366] 
O-xylene -5.6210E+00 2.4699E-02 -2.70608E+00 418.93-461.74 1.01 3.09% [366] 
 
Figure 2.30 displays the calculated solubilities of CO2 in MEG using adjusted binary 
interaction parameter to the experimental VLE data. As shown by Figure 2.30, model 
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shows to be capable of correlating the CO2 solubility at temperatures ranging from 263.15 
K to 323.15 K.  
 
Figure 2.30 Solubility of CO2 in MEG at 263.15 K, 298.15 K, 323.15 K: Comparison with tuned PC-
SAFT model and experimental data (In-house data) 
 
Figure 2.31 Solubility of benzene and toluene in MEG at 1.013 bar: Comparison with tuned PC-






























































Figure 2.32 Solubility of CO2 in DEG at 298.15 K, 323.15 K, 348.15 K, 373.15K and 398.15K: 
Comparison with tuned PC-SAFT model and experimental data (In-house data). 
Solubilities of benzene and toluene in MEG are also plotted in Figure 2.31 at 1 atm. Very 
good agreements were found for both binary mixtures at temperature range of 279 K to 
361 K where the AAD % of 1.90 and 0.75 for toluene and benzene respectively were 
obtained. Calculated CO2 solubilities in DEG were compared to the experimental data in 
Figure 2.32 at 5 different temperatures from 298.15 K to 398.15 K. Despite using a 
temperature dependent BIP, the deviation from calculated CO2 and experimental data is 
considerable at 298.15 (5.20 AAD %) while at other temperatures model calculation are 
in an excellent agreement with experimental data. Figure 2.33 shows the calculated and 
experimental solubilities of ethane in TEG at 298.15K to 373.15 K where with a total 







































Figure 2.33 Solubility of ethane in TEG at 298.15 K, 323.15K, 348.15K, 373.15 K: Comparison with 
tuned PC-SAFT model and experimental data ([365]). 
 
2.8 PC-SAFT Pure Parameter Optimization for Alcohols 
Methanol and ethanol have been in use in natural gas transportation industry as 
thermodynamic hydrate inhibitor for a long time. They lower the activity of water and act 
like an antifreeze and shift the hydrate dissociation phase boundary to lower temperatures 
[367]. As mentioned before, accurate modelling of associating systems using molecular 
based equation of states is not trivial. Gross and Sadowski [214] reported very good and 
accurate sets of pure compound parameters for alcohols. They optimized the pure-
component parameters for 18 associating compounds over a wide range of temperature 
e.g. from 200K to 512 K for methanol.  
In the studies associated with hydrate dissociation point calculation or in flow assurance 
engineering scope of work, where hydrate inhibitors like methanol are involved at low 
temperatures, a robust model is required to model the phase behaviour of such systems 
with a reliable accuracy. As will be shown in continuance, using the sets of pure 
compound parameters suggested by Gross and Sadowski [214], model predictions differs 
considerably from experimental vapour pressure of alcohols despite the fact the 





































In this study the PC-SAFT model was applied to calculate saturation properties of 
alcohols including methanol, ethanol, 1-propanol and 2-propanol with emphasis on the 
temperature and pressure ranges where at most of modelling in flow assurance scope of 
work is needed to be carried out. Similar to the preceding optimization sections, the 
following objective function was minimized and new sets of pure compounds parameters 
were optimized using vapour pressures and saturate liquid densities of alcohols. The new 
optimized parameter together with the parameters developed by Gross and Sadowski 
[214] are reported in Table 2.15.  


















𝑗=1    Eq. 2.71 
Table 2.15 PC-SAFT pure compound parameters used in this work for Alcohols. 










T (K) Scheme Ref. 
methanol 1.55439 3.15333 185.234 2942.67 0.036506 2.17% 5.27% 220-370 2B This Work 
ethanol 2.38267 3.17706 198.237 2649.12 0.034662 0.16% 0.70% 250-370 2B This Work 
1-propanol 3.2714 3.13885 224.143 2112.23 0.026917 1.75% 0.31% 250-371 2B This Work 
2-propanol 3.09403 3.20881 208.382 2469.64 0.013383 2.73% 0.97% 250-372 2B This Work 
methanol 1.5255 3.23 188.9 2899.5 0.035176 4.90% 0.45% 220-370 2B [214] 
ethanol 2.3827 3.1771 198.24 2653.4 0.032384 5.02% 0.74% 250-370 2B [214] 
1-propanol 2.9997 3.2522 233.4 2276.8 0.015268 3.22% 1.50% 250-371 2B [214] 
2-propanol 3.0929 3.2085 208.42 2253.9 0.024675 9.26% 0.94% 250-372 2B [214] 
 
Figure 2.34 Vapour pressure of methanol: PC-SAFT calculation results using pure compound 
parameters developed in this work and those reported by Gross and Sadowski [214] 
Figure 2.34 displays the calculated and experimental vapour pressures of methanol at two 
temperature ranges, from 300 K to 370 K (Figure 2.34-a) and 220 K to 290 K (Figure 
2.34-b). As seen in the Figure 2.34-b, using both sets of pure compound parameters, 
model performs similar while at higher temperatures using the set of parameters 
developed in this work, the deviation from experimental data is lower. Although, as 



























































% of saturate liquid density is higher than those calculated using Gross and Sadowski 
parameters [214].  
 
Figure 2.35 Vapour pressure of ethanol: PC-SAFT predictions using pure compound parameters 
developed in this work and those reported by Gross and Sadowski [214] 
Figure 2.35 and Figure 2.36 compare calculated vapour pressure and saturate liquid 
density of ethanol using two sets of pure compound parameters and experimental data. 
As displayed in Figure 2.35-a and Figure 2.35-b, using the new optimized set of 
parameters, model calculated vapour pressures deviation from experimental data is less 
than those calculated using the one reported by Gross and Sadowski [214], while using 
both parameters, model performs similar in calculating saturated liquid density (see 
Figure 2.36). 
 
Figure 2.36 Saturated liquid density of ethanol: PC-SAFT predictions using pure parameters 
























































































Figure 2.37 Vapour pressure of 1-propanol: PC-SAFT predictions using sets of pure parameters 
developed in this work and reported by Gross and Sadowski [214] 
 
Figure 2.38 Saturated liquid density of 1-propanol: PC-SAFT predictions using pure compound 
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The vapour pressure and saturated liquid density of 1-propanol calculated using two sets 
of parameters are compared with experimental data through Figure 2.37 and Figure 2.38 
respectively. PC-SAFT equation of state appears to deliver the same results using both 
sets of parameters (considering the AAD % value of 1.75 using this work parameters 
model performs slightly better than when the other set of parameter is used yielding AAD 
% of 3.22 ), however, using this work set of parameter the calculated liquid density 
deviation from experimental is 5 times less than that those calculated using Gross and 
Sadowski [214] parameters with ADD % values of 0.32 and 1.5 respectively. The 
calculated vapour pressures and liquid densities of 2-propanol are also plotted together 
with the experimental values in Figure 2.39. While the AAD % of liquid density 
predictions are quite the same (See Table 2.15) the resulting AAD % using this work and 
Gross and Sadowski parameters are 2.73 and 9.26 indicating that the model performs 
quite better performance using the parameters developed in this work.  
 
Figure 2.39 Saturated liquid density of 2-propanol: PC-SAFT predictions using pure parameters 
developed in this work and those reported by Gross and Sadowski [214] 
 
2.9 Calculation of Second Thermodynamic Derivative Properties Using PC-SAFT. 
As discussed before, the main objective of thermodynamic models is to predict the phase 
equilibria and PVT behaviour of simple and complex systems over an extensive range of 
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more importantly accurate are crucial necessities in oil and gas industries. Obviously, 
without implementing robust and fast convergent models developing such computer 
applications seems not to be possible. In oil and gas industries, accurate description of the 
second thermodynamic properties such as 𝐶𝑃, 𝐶𝑉, thermal expansion coefficient, Joule-
Thomson coefficient and sound velocity is very important as these properties are often 
required in process and equipment design or engineering and process control sectors.  
There are several empirical correlations available in the literature for predicting 
abovementioned properties which have been developed for a specific system or are 
suitable at specific conditions. However, employing equation of states to calculate the 
second derivative properties allows us to predict the properties regardless of conditions 
and type of the system as long as the equation of state is tuned or applicable for such 
systems. In this regard, Villiers et al. [368] applied SAFT, CPA and the sPC-SAFT 
equation of states to test the ability of these models to predict heat capacities, pressure–
volume derivative, pressure–temperature derivative and speed of sound of n-alkanes and 
1-acohols.  
Second derivatives properties are calculated using the first and second derivatives of 
residual Helmholtz free energy with respect to the temperature and density. To calculate 
the derivatives one may use numerical differentiation of the Helmholtz free energy where 
an extra error is imposed to the calculation. From the computational and programming 
point of view, to perform precise numerical differentiation, higher order formulas must 
be used whereas the sub-routine responsible for returning the Helmholtz free energy must 
be called more than 5 or for second derivatives 10 times to reach a reasonable accuracy.  
In practical applications, e.g. engineering softwares in which the speed of calculation is 
very important, using the numerical differentiation for such purposes with higher CPU 
time and less accuracy is not seemed to be the best idea. However, for simple equation of 
states like SRK, PR or even sPC-SAFT, the disadvantage of using numerical 
differentiation might not be valid considering the advanced computing hardware available 
nowadays. However, in regards to original PC-SAFT equation of state, due to the high 
non-linearity and complexity of the equations, numerical differentiation is not seemed to 
be efficient. 
Therefore, in this study the analytical expressions needed for second thermodynamic 
properties calculations are driven (except for those that have been presented by Gross and 
Sadowski [6]) and presented. At the end of this section, the capability of the PC-SAFT 
model is evaluated using the driven equations. The formulas for calculating the sec ond 
derivative properties are summarized below [21]. 
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)𝑉,𝑛       Eq. 2.72 
𝐶𝑣 = 𝐶𝑣
𝑟𝑒𝑠 + 𝐶𝑣
𝑖𝑑𝑒𝑎𝑙        Eq. 2.73 















− 𝑅𝑛       Eq. 2.74 
𝐶𝑃 = 𝐶𝑃
𝑟𝑒𝑠 + 𝐶𝑃
𝑖𝑑𝑒𝑎𝑙        Eq. 2.75 
Isothermal compressibility coefficient: 
𝑘𝑇





        Eq. 2.76 



































        Eq. 2.79 
 The iso-thermal compressibility and thermal expansion values are calculated using the 
equations below where the second derivative of Helmholtz free energy with respect to the 


































      Eq. 2.81 
2.9.1. Calculation of first derivative with respect to the temperature 
The first derivatives of hard chain and dispersion contributions with respect to the 
temperature have been reported by Gross and Sadowski [6] which are presented here. The 
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first derivative of Helmholtz free energy with respect to the temperature is sum of the 
























)𝑣,𝑥𝑖   Eq. 2.82 




































































)]     Eq. 2.86 




































)    Eq. 2.87 





















]𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅  




= 𝜁3,𝑇𝐶2         Eq. 2.89 










𝑖=0        Eq. 2.91 















]𝐴𝑖𝑖      Eq. 2.92 
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The derivatives of the non-bonded fractions, i.e.
∂XAi
∂T
, is calculated using the procedure 
suggested by Tan et al. [22] where the derivative of site-site strength is needed. The first 





























2𝜅𝐴𝑖𝐵𝑗     Eq. 2.93 
2.9.2. Calculation of second derivative with respect to the temperature 
The first derivative of Helmholtz free energy with respect to the temperature is sum of 
































 Eq. 2.94 
where n is the number of moles and ares is extensive residual Helmholtz free energy. 















































































































































































4   Eq. 2.97 















) [−0.12 𝑒𝑥𝑝 (−3
𝜀𝑖
𝑘𝑇









          Eq. 2.99 























































































)] Eq. 2.100 
















































) 𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅     

















= 𝜁3,𝑇2𝐶2 + 𝜁3,𝑇
𝜕𝐶2
𝜕𝑇




























])   Eq. 2.105 



















]𝐴𝑖𝑖     Eq. 2.106 
The second derivatives of the non-bonded fractions, is obtained using Tan et al. [22]  
procedure where the second derivative of site-site strength is needed. The second 
























































































































𝐴𝑖𝐵𝑗 Eq. 2.107 





















))   Eq. 2.108 
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2    Eq. 2.111 



















































































)]    
          Eq. 2.112 







































































))]𝑚2𝜀2𝜎3̅̅ ̅̅ ̅̅ ̅̅ ̅̅          








) = 𝜁3,𝑇𝐶2 + 𝜁3,𝑇𝜌
𝜕𝐶2
𝜕𝜌




















)  Eq. 2.115 
The second derivative of the dispersion integral series with respect to the temperature and 









) = ∑ [𝑏𝑖(?̅?)𝑖𝜁3,𝑇𝜂
𝑖−1 + 𝑏𝑖(?̅?)𝑖(𝑖 − 1)𝜁3,𝑇𝜂







) = ∑ [𝑎𝑖(?̅?)𝑖𝜁3,𝑇𝜂
𝑖−1 + 𝑎𝑖(?̅?)𝑖(𝑖 − 1)𝜁3,𝑇𝜂
𝑖−1]6𝑖=0   Eq. 2.117 





















]𝐴𝑖𝑖    Eq. 2.118 
The derivative of the association strength which is needed in the calculation of non-




































2𝜅𝐴𝑖𝐵𝑗     Eq. 2.119 
2.9.4. Calculation of second derivative with respect to volume 
The second derivative of the residual Helmholtz free energy can be written in terms of 










































      Eq. 2.122 









































































)      Eq. 2.124 


























  Eq. 2.125 













































) = ∑ 𝑎𝑗(?̅?)(𝑗 + 1)𝑗𝜂
𝑗6







) = ∑ 𝑏𝑗(?̅?)(𝑗 + 1)𝑗𝜂
𝑗6
































)  Eq. 2.130 
2.9.5 Comparing model calculation with experimental data 
After the derivative of the Helmholtz free energy contributions were developed, a number 
of thermodynamic properties are being compared with the smoothed experimental data 
available on NIST. Three compounds were chosen to test the capability of the PC-SAFT 
model in calculating their thermodynamic properties. Propane as a light and dodecane as 
a heavier hydrocarbon as well as the methanol as an associating compound were selected 
for this purpose. The derivative properties of methanol were calculated using the PC-
SAFT pure compound set of parameters developed in this study and those reported by 
Gross and Sadowski [214] to compare the performance of each.  
The pure compound parameters used for propane and Dodecane are available in Table 
2.2.The absolute average deviation of the model calculation from NIST data of isochoric 
heat capacity (𝐶𝑉), isobaric heat capacity (𝐶𝑝), sound velocity (𝑢), and Joule-Thomson 
coefficients (𝜇𝐽𝑇), of dodecane are reported in Table 2.16. Experimental and calculated 
derivative properties of dodecane are also compared in Figure 2.40 to Figure 2.43. As can 
be seen from the Table 2.16 and Figure 2.40 to Figure 2.43, the is a good agreement 
between experimental data and model calculation of 𝐶𝑉 , 𝐶𝑝  and sound velocity of 
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dodecane at below, proximity and above critical point. However, the calculated Joule-
Thompson coefficients at below critical region differ from experimental data by around 
than 20%. Also, as shown in Figure 2.40, PC-SAFT model is unable to capture the 
maximum peak of the 𝐶𝑉versus pressure at 270 K despite the fact that the AAD % at this 
temperature is 5.51. This shortcoming was also reported by Villiers et al. where it was 
shown that none of the CPA, sPC-SAFT and SAFT models were able to qualitatively 
predict the maximum peak of the property [368]. As illustrated in Figure 2.42 and Figure 
2.43, the PC-SAFT model is capable of predicting the maximum and minimum of the 𝐶𝑝 
and 𝜇𝐽𝑇  properties with very good agreement with experimental data at above critical 
region with AAD % values of 3.36 and 2.12 respectively.    
 
Table 2.16 Absolute average deviations of calculated second derivative properties of dodecane from 
experimental data at different temperatures and pressures up to 100 bar. 
T - K 𝑪𝑽 𝑪𝑷 Speed of sound Joule-Thomson Coefficient 
 AAD % 
270 5.51 0.46 0.12 19.58 
300 4.71 0.78 1.48 17.09 
350 3.26 1.31 3.73 13.49 
500 0.29 1.29 8.89 4.19 





Figure 2.40 Experimental and calculated isochoric heat capacity of dodecane the 350 K, 500 K and 
700 K and 1 to 100 bar pressures. 
 
Figure 2.41 Experimental and calculated Joule-Thomson coefficient of dodecane at 270 K, 350 K 
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Figure 2.42 Experimental and calculated isobaric heat capacity of dodecane at 270 K, 300 K, 350 K, 
500 K and 700 K and pressures up to 100 bar. 



















NIST - 270 K
NIST - 350 K
NIST - 300 K
NIST - 700 K
























NIST - 700 K




Average absolute deviation of calculated thermodynamic derivatives of propane is 
summarised in Table 2.17. Calculated and experimental properties are also plotted 
together in Figure 2.44 to Figure 2.47 at 300 K and 400 K. Poor model performance was 
observed in predicting the speed of sound at 200 K with around 48 AAD % value. 
However, at temperatures higher than 300 K, calculated sound velocity deviation from 
experimental data are much lesser and as can be seen in Figure 2.45 model captures the 
extremum point of the sound velocity very well. The calculated isobaric and isochoric 
heat capacities also agree with the experimental data at 300 K and 400 K, specifically at 
400 K where excellent agreement was found in calculating both heat capacities over an 
extensive pressure range. With respect to the isochoric heat capacity, model is unable to 
capture the maximum peak of the property similar to that reported for dodecane. As 
shown in Figure 2.46 model prediction and experimental data of Joule-Thomson 
coefficient are in a good agreement and the extremum of the curve is captured very well. 
It is also worth to note that at the extremum region of the Joule-Thomson curve versus 
pressure, the deviation from the model calculation and experimental data becomes greater 
as the slope of the curve is high and a small deviation in predicting the location of the 
extremum could result in a very high difference of the calculated and experimental 
thermodynamic properties making the average deviation relatively high.  
 
Table 2.17 Average absolute deviations of calculated second derivative properties of propane from 
experimental data at 200 K, 300 K and 400 K and pressures up to 100 bar. 
T - K 𝑪𝑽 𝑪𝑷 Speed of sound Joule-Thomson Coefficient 
 AAD % 
200 16.68% 17.17% 48.69% 18.27% 
300 0.35% 6.61% 9.42% 3.43% 





Figure 2.44 Experimental and calculated isobaric heat capacity of propane at 300 K and 400 K and 
pressures up to 1000 bar. 
 
Figure 2.45 Experimental and calculated speed of sound in propane at 300 K and 400 K and 



















NIST - 300 K

























NIST - 400 K





Figure 2.46 Experimental and calculated Joule-Thomson coefficient of propane at 300 K and 400 K 
and pressures up to 600 bar 
 
 
Figure 2.47 Experimental and calculated isochoric heat capacity of propane at 300 K and 400 K 
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The speed of sound in two typical natural gases were calculated using the PC-SAFT EoS 
and compared with experimental data reported by Younglove et al. [369]. The binary 
interaction parameters between components were set to those tuned in this work and 
presented in Table 2.2 to Table 2.6. The compositions of the fluids are reported in Table 
2.18. The AAD % of calculated and experimental speed of sound in the fluids are reported 
in Table 2.19 at each temperature. Total AAD obtained are 0.73% and 1.02% for Amarillo 
and Statoil dry gas fluids respectively, which indicates that model performs excellent in 
calculating the sound velocity in multi-component fluids. Also, as seen in Table 2.19, the 
deviation from experimental sound velocity in Statoil dry gas increases as temperature 
decreases.  
Table 2.18 Amarillo and Statoil dry gas compositions (mole fraction) 
Component Amarillo gas Statoil dry gas 
methane 0.90708 0.8398 
ethane 0.04491 0.13475 
propane 0.00815 0.00943 
iso-butane 0.00106 0.0004 
n-butane 0.00141 0.00067 
iso-pentane 0.00027 0.00013 
carbon dioxide 0.00500 0.00756 
nitrogen 0.03113 0.00718 
n-pentane 0.00065 0.00008 
n-hexane 0.00034 - 
 
Table 2.19 Average absolute deviation of calculated and experimental sound velocity in Amarillo 







Total AAD  0.73% 













Figure 2.48 Experimental and calculated sound velocity in Statoil dry gas at various temperatures. 
Experimental data taken from [369]. 
 
Figure 2.49 Experimental and calculated sound velocity in Amarillo gas at various temperatures. 



























































The second derivative properties of methanol were calculated using the pure compound 
parameters developed in this work and the one reported by Gross and Sadowski [214] to 
evaluate capability of the PC-SAFT model in predicting second derivative properties and 
also to compare the performance of the model using two sets of pure compound 
parameters. The AAD % values of each property at two below and above critical 
temperatures are summarized in Table 2.20. In general, the model cannot predict the 
thermodynamic properties of methanol within a reasonable deviation from the 
experimental data. However, as can be seen from Figure 2.50 and Figure 2.51, the 
behaviours of the isobaric heat capacity and speed of sound are qualitatively captured by 
the model but considerable deviations are observed from experimental data. As reported 
in Table 2.20, PC-SAFT model shows almost the same performance using both sets of 
parameters for predicting the heat capacities, while a relatively better prediction for speed 
of sound was observed using the sets of parameters developed in this work with around 
2-3% less deviation from experimental data. 
 
Table 2.20 Absolute average deviations of calculated second derivative properties of methanol from 
experimental data 
T-K Pure compound parameter used 𝑪𝑽 𝑪𝑷 Speed of sound 
 AAD % 
300 This Work 28.06 23.89 8.72 
600 This Work 22.16 9.19 26.57 
300 Gross and Sadowski [214] 27.41 23.00 10.57 






Figure 2.50 Experimental and calculated isobaric heat capacity coefficient of methanol at 300 K 
and 600 K and pressures up to 1000 bar 
 
Figure 2.51 Experimental and calculated speed of sound in methanol at 300 K and 600 K and 
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2.10 Modelling of Electrolytes Using PC-SAFT Model 
The vapour-liquid and liquid-liquid equilibria of systems with and without presence of 
associating compounds were extensively investigated in the previous sections using PC-
SAFT equation of state. However, when salts are present in the aqueous system the 
activity of associating compounds is affected and the equilibria of system is changed 
consequently. When electrolytes are present, the chemical potential of each component 
in the system is modified by adding the electrolyte contribution to the chemical potential 




       Eq. 2.131 
In this study, we used the Debye–Hückel activity coefficient to correct the fugacity 
coefficients of the components when salts are present in the system. In this approach, we 
assume that the concentration of salts in the non-aqueous phase is zero and then the 
fugacity coefficient of each non-electrolyte component in the aqueous phase is corrected 
using the activity coefficient. The fugacity coefficients of each non-electrolyte 
component in the aqueous phase is then calculated using 
𝑙𝑛𝜙𝑖(T, ρ) = 𝑙𝑛𝜙𝑖
𝐸𝑜𝑆(T, ρ) + 𝑙𝑛𝛾𝑖
𝐷𝐻(T, ρ)     Eq. 2.132 
where 𝜙𝑖
𝐸𝑜𝑆the fugacity coefficient is calculated using EoS and 𝛾𝑖
𝐷𝐻 is Debye–Hückel 








0.5)      Eq. 2.133 
In the above equation, 𝑀𝑚the salt-free mixture molecular weight (the molecular weight 
of the mixture without considering the molecular weight of salt 
𝑘𝑔
𝑚𝑜𝑙
 ). As the performance 
of the simple Debye-Huckel model is good only in low concentration solutions [371] 
another binary interaction parameter entitled ℎ𝑖𝑠  is needed to adjust the interaction 
between salt and non-electrolyte compound. This binary interaction parameter must be 
tuned with appropriate experimental data i.e. vapour pressure, freezing point and 
solubility of solutes in aqueous solutions of salts. Haghighi et al. has tuned the binary 
interaction of salt-water of nine electrolyte systems [372] by adjusting the CPA model to 
the freezing points and vapour pressures of the electrolytes and reported the ℎ𝑤𝑠 
parameter (binary interaction parameter of water-salt) as the function of temperature and 
weight concentration of dissolved salts. 𝑓(𝐵𝐷𝐻𝐼𝑠
0.5) is calculated through 
𝑓(𝐵𝐷𝐻𝐼𝑠




0.5 − 2𝑙𝑛 (1 + 𝐵
𝐷𝐻𝐼𝑠
0.5)  Eq. 2.134 
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where is the ionic strength based on the salt concentration, and 𝐴𝐷𝐻 and 𝐵𝐷𝐻 parameters 










0.5         Eq. 2.136 
where 𝑑𝑚  is the density of the salt-free mixture (the density of the aqueous phase at 










        Eq. 2.137 
where 𝑥𝑤 and 𝜂𝑤 are the salt-free mole fraction and the dielectric constant of water.  
In this work the CPA model of our in-house modelling software (HydraFLASH) was also 
applied to compare its performance with the PC-SAFT model and further validate the 
experimental results presented in Chapter 3 and 4. Detail of the CPA model used in this 
work is available here [373]. To account for the effect of salts in PC-SAFT model, The 
Debye–Hückel activity coefficient was applied to correct the fugacities of CO2-brine 
systems by incorporating the ℎ𝑤𝑠 developed by Haghighi et al. [372] and ℎ𝑖𝑠 adjusted to 
experimental data of CO2 solubility in aqueous solutions of salts using PC-SAFT EoS. 
As the CPA and PC-SAFT models show quite similar performance in calculation of the 
freezing point (see Table 2.8) and vapour pressures of water over a wide range of 
temperatures (see Figure 2.52, The AAD % of the CPA and the PC-SAFT model at 273.15 
K to 523.15 K temperature range is 0.05%), using the ℎ𝑤𝑠values tuned with CPA model 
for PC-SAFT equation of state seems to be a reasonable approach. The following 
objective function was adopted to optimize the electrolyte model for CO2-brine systems 
using the experimental solubilities of CO2 in aqueous solutions of different salts.  











      Eq. 2.138 
Table 2.21 and Table 2.22 present the coefficients of polynomial equation fitted to the 




Figure 2.52 Calculated vapour pressure of water using the CPA and PC-SAFT equation of states 
 
Table 2.21 Temperature dependant CO2 - salt binary interaction parameters of Debye–Hückel 
activity model tuned using the PC-SAFT equation of state (ℎ𝑤𝑠 (𝑇) = 𝐵2𝑇
2 + 𝐵1𝑇 + 𝐵0) 
Salt T-Range 𝑩𝟐 𝑩𝟏 𝑩𝟎 Experimental Data 
NaCl 278.15-423.15 5.41e-5 -0.0428 9.1666 This work 
KCl 323.15-423.15 8.07e-5 -0.0574 10.4830 This work 
CaCl2 309-424 1.97e-5 -0.0152 3.5700 [374] 
MgCl2 309-424 4.27e-5 -0.0321 6.6034 [374], [375] 
 
Table 2.22 Temperature dependant CO2 - salt binary interaction parameters of Debye–Hückel 
activity model tuned using the CPA equation of state (ℎ𝑤𝑠 (𝑇) = 𝐵2𝑇
2 + 𝐵1𝑇 + 𝐵0) 
Salt T-Range 𝑩𝟐 𝑩𝟏 𝑩𝟎 Experimental Data 
NaCl 278.15-423.15 2.99E-05 -0.0250 5.9356 This work 
KCl 323.15-423.15 5.82E-05 -0.0415 7.7347 This work 
CaCl2 309-424 1.25E-05 -0.0103 2.7321 [374] 































In this chapter a brief review on the SAFT approach and PC-SAFT equation of state was 
presented. The binary interaction parameters of 82 binary mixtures of non-associating 
compounds were adjusted to available experimental literature or in-house phase equilibria 
data. The capability of PC-SAFT EoS in calculating the saturation properties of pure 
water was improved by introducing the two temperature dependent sets of pure compound 
parameters and tuning the model to experimental saturation data of water. Comparing the 
model performance using the new adjusted pure parameters of water showed a significant 
superiority over all sets of parameter reported in the literature. The dispersive interactions 
between water and several non-associating compounds were then tuned by adjusting the 
BIPs of water and non-associating components to the experimental solubility data.  
The pure compound parameters of ethylene glycol oligomers, including MEG, DEG, 
TEG, TeEG and PG were then optimised using the smoothed saturation data of DIPPR 
database and compared to model calculation results using sets of parameters suggested 
by others. It was shown that using the sets of pure compound parameters adjusted in this 
study, calculated saturation properties of all EG-oligomers show better agreement with 
experimental data. By applying the new sets of pure compound parameters, the binary 
interaction parameters of glycol and non-associating systems were fitted to available 
experimental literature or in-house data. New sets of pure compound parameters for 
methanol, ethanol, 1-propanol and 2-propanol were optimised to experimental vapour 
pressures and saturated liquid densities and model performance using different sets of 
pure compound parameters was compared against experimental data. It was shown that 
calculated saturation properties of studied alcohols correlate the experimental data better 
using new sets of pure compound parameters comparing to the parameters presented by 
others. The derivative of Helmholtz free energy contributions of PC-SAFT equation of 
state were also driven analytically to remove the error of the numerical differentiation 







3-Solubility of CO2 in Pure Water and Aqueous Solution of Salts 
3.1 Introduction 
Having a precise knowledge on the phase equilibria behaviour of CO2-pure water or CO2-
aqueous solutions of salts systems and the fluid properties at reservoir conditions where 
the CO2 is stored or at transport pipelines conditions is crucial from two major points of 
views. First, the solubility of CO2 in brine is directly related to the CO2 storing capacity 
of the underground aquifers. The effect of different salt types and different salinity of 
brine, as well as the effect of temperature and pressure of the formation on the CO2 
solubility in saline water, must be measured accurately to obtain a precise understanding 
of the behaviour of CO2-brine systems. Second, as in some cases, thermodynamic or 
hydrodynamic models used for engineering calculations and simulations, rely heavily on 
reliable experimental data, accurate experimental phase equilibria data of CO2-brine 
systems would be a great help in developing such models.  
The phase behaviour of CO2-aqueous systems has been extensively investigated 
experimentally and theoretically in the literature. The available literature experimental 
studies may be divided into three major categories: CO2 solubility measurement in pure 
water, solubilities in single salt aqueous solutions and solubilities in multi salts aqueous 
solutions. The number of experimental data reported on the solubility of CO2 in pure 
water is higher than other salt aqueous solutions. Likewise, CO2 solubility data in aqueous 
solutions of sodium chloride have been reported more that those reported for calcium 
chloride, potassium chloride, magnesium chloride and mixed salt aqueous solutions.  
Totally 47 datasets were found for solubility data in pure water with more than 1400 
solubility points at temperatures from 273.15 K up to 523.15 K and pressures ranging 
from atmospheric pressure to 3500 bar. Table 3.1 summarises all the datasets gathered 








Table 3.1 Available experimental data on solubility of CO2 in pure water 
Temperature range / K Pressure range /bar Reference 
286–348 1.02–1.4 [224] 
283-303 1–20 [381] 
473–523 98–490 [338] 
303–333 100–200 [403] 
273–323 1.01–1.14 [34] 
374–393 23–703 [380] 
348-421 10.2-20.9 [411] 
297 1 to 14 [412] 
323.15 1.1 - 5.8 [413] 
323–623 200–3500 [382] 
383–623 100–1500 [383] 
303–353 10–39 [384] 
298–348 47.9 [385] 
298–423 47.9 [386] 
303–523 40–126 [387] 
323–473 1–54 [388] 
323–373 100–800 [389] 
288–366 7–203 [390] 
283–343 10–160 [391] 
323 68–177 [333] 
323–348 101–152 [334] 
373–473 3–80 [392] 
353–471 20–102 [393] 
288-298 60-250 [341] 
273-285 1-3 [405] 
293-333 24-167 [406] 
273.15 – 373.15 10– 90 [377] 
323 – 373 25 – 71 [378] 
285 – 313 25 – 50.7 [379] 
294 100–600 [400] 
288–298 60–250 [394] 
278–293 64–295 [395] 
278–338 0.49–0.84 [396] 
274–351 2–90 [404] 
278–318 5–80 [340] 
293.15 – 303.15 5 – 30 [376] 
277–283 20–42 [401] 
274–288 1–220 [402] 
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In continuance of Table 3.1 
273-288 1-53 [407] 
298-308 25-76 [408] 
273-298 1.0-4.6 [409] 
273-373 0.1-3.6 [410] 
293.15 – 303.15 0.5 – 3 [414] 
344 100–1000 [397] 
313–353 10–141 [398] 
298 21–77 [399] 
 
The data reported by Zel’vinskii et al. [377], Chapoy et al. [404] and Houghton et al. 
[410] covers a broad range of conditions from temperatures between 273.15 K to 373.15 
K and pressures up to 90 bar. The most recent data reported by Jacob et al. [412] at a 
single temperature of 297K. However, not all the data reported were consistent with each 
other. Duan et al. [295] gathered a significant number of CO2 solubility experimental data 
over wide ranges of temperatures and pressures to tune a thermodynamics-based model. 
A good review on the consistency of solubility data can be found in their paper. 
Several datasets were also found and summarised in Table 3.2 for solubility of CO2 in 
aqueous solutions of sodium chloride. Solubility data have been reported in different 
concentrations of aqueous solutions from 1 wt% to 26.9 wt% NaCl aqueous solutions at 
temperatures between 273.15 K to 800 K and pressures up to 2800 bar. Drummond et al. 
have reported the most comprehensive dataset [387] in various concentrations of sodium 
chloride aqueous solutions at temperatures between 293K to 673K and pressures up to 
400 bar. Among all the experimental datasets found in the literature, the most recent one 
was presented by Tong et al. where the solubility of CO2 in NaCl aqueous solution was 
measured to validate the experimental setup and procedures they employed for CO2 
















 Salt concentration 
/ wt% 
References 
313 – 433 1– 100 18.9 –26.9 [413] 
313 - 433 2-96 0 – 26 [422] 
408 – 800 30 – 2800 5.5 – 20.1 [420] 
290 – 673 35 – 400 0 – 27.5 [387] 
298 – 348 47.92 0 – 20.8 [419] 
298 – 423 47.92 0 – 26 [386] 
291.2 1.01 1.16- 26.2 [424] 
293 1.01 8.55 - 24.9 [425] 
298-318 1.01 0.90 [426] 
353 – 473 20 – 100 0 – 1 [421] 
313 - 353 1 - 100 0 – 20.1 [423] 
423 – 523 100 – 1400 0 – 20 [417] 
298 1 0 – 15 [418] 
273 – 313 1.02 – 1.09 0 – 18.9 [415] 
273 – 323 1.02 – 1.14 0 – 15 [34] 
445 – 610 25 – 200 0 – 10.5 [416] 
288-333 1.01 2.84 - 21.91 [427] 
288-308 1.01 2.84 - 24.32 [428] 
273.5-277 8-19 2.84 - 22.26 [429] 
273-363 0.04-1 0.58- 26.28 [430] 
293-308 1.01 3.93- 14.49 [431] 
278-338 0.5-0.9 3.93 - 16.17 [396] 
233.15 100 3 [432] 
323-373 100-100.4 5.8 [433] 
 
According to Duan et al. [295] a few data points reported by Drummond et al. during 
pressure increasing and decreasing processes deviates by 8-12%. Also, the data measured 
by Takenochi et al. [417] at 100 bar is not in agreement with those measured by 
Drummond et al. [387] and Rumpf et al. [413] at the same conditions [295]. The datasets 
collected for calcium chloride are presented in Table 3.3. A total number of 10 datasets 
were found in the literature for solubility of CO2 in the 1wt% to 43 wt% CaCl2 aqueous 
solutions at temperatures from 288 K to 423 K and pressures up to 710 bar. As mentioned 
before, limited number of experimental CO2 solubility data have been reported in KCl, 




Table 3.3 Available experimental data on solubility of CO2 in CaCl2 aqueous solutions 




309-424 15-268 10-35.69 [374] 
323-423 150 3.53-18.16  [435] 
328-375 68.9-206.8 0-34.76 [436] 
298 - 308 1 2.2 - 33.8 [428] 
373 - 423 47.92 0 - 43.7 [419] 
298 - 358 47.92 4.3 - 27.4 [386] 
358 -393 15 – 710 0 - 30.2 [380] 
288.4 1 1.10-35.69 [424] 
298 1 2.17 -20.33 [418] 
318 20 - 160 10 [434] 
 
The most comprehensive dataset was reported by Prutton et al. [380] in a wide range of 
CaCl2 aqueous solution concentrations. Only three experimental datasets were found at 
elevated temperatures which were reported by Malinin et al. [419], Zhao et al. [435] and 
Tong et al. [374] except for the dataset reported by Prutton et al. [380], no solubility data 
were found at pressures higher than 380 bar.  
Table 3.4 Available experimental data on solubility of CO2 in KCl aqueous solutions 




297 10 -160 4.28-9.08 [412] 
313-433 1-95 12.98-22.97 [441] 
273 – 313 1 0.7 - 23 [437] 
313-353 1-105 3.7– 7.5 [438] 
318.15 20-160 10 [434] 
323-423 150 3.59-25.12 [435] 
288-298 1 2.90-7.58 [439] 
298 1 1.47-6.94 [440] 
298 - 308 1 2.9 - 23.4 [428] 
 
Table 3.4 lists the experimental data found for CO2-KCl aqueous solutions. Among the 
total 9 datasets, the datasets reported by Kamps et al. [441] and Zhao et al. [435] covers 
the elevated temperatures conditions. The solubility data reported by Markham et al. 
[437] and Yasunishi et al. [428] include wide concentrations of KCl aqueous solutions. 
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Table 3.5 Available experimental data on solubility of CO2 in MgCl2 aqueous solutions 




308-424 12-350 8.69 -32.25 [374] 
298 1 0 - 29.99 [442] 
323-423 150 3.05 -16 [375] 
288 - 318 1 0.9 – 27.1 [428] 
 
Table 3.5 summarises the literature experimental data for CO2 solubility in magnesium 
chloride aqueous systems. Tong et al. [374] reported the most comprehensive datasets of 
CO2 solubilities in a wide range of salinity at a temperature range, from 308K to 424 K 
and pressures up to 350 bar. Recently Zhao et al. published a paper on the solubility of 
CO2 in aqueous solutions of CaCl2, MgCl2, KCl and Na2SO4 at temperatures from 323 K 
to 423 K and 150 bar pressure [375]. 
In this work, the main aim is to cover a broad range of temperature, pressure, and salinity 
for CO2 solubility measurements. To recognise the gaps in the literature, in terms of 
covered temperature and pressure ranges, the temperature and pressure ranges of each 
solubility dataset were presented graphically through Figure 3.1 to Figure 3.4 regardless 
of the salinity of the tested solution. As seen in Table 3.2 and Figure 3.1, Solubility of 
CO2 in sodium chloride has been investigated extensively over a wide range of 
temperatures and pressures. However, at low temperatures i.e. T <10 °C the solubilities 
were reported at low pressures. Duan et al. [295] presented a thermodynamic model for 
the solubility of CO2 in pure water and aqueous solutions of NaCl at pressure ranges from 
1 to 2000 bar, ionic strength from 0 to 4.3 m and temperatures from 273 K to 533 K. 
Duan model is capable of correlating the solubility of CO2 with around 7% deviation from 
experimental data which is within the experimental data uncertainty [295]. However, 
because limited data are available at temperatures below 0 °C (the conditions of flow 
assurance applications concerns), the model is not suitable to use at mentioned conditions. 
To fill the gap, the solubility of CO2 at -5 °C < T < 25 °C and -10 °C < T < 25 °C for 10 
wt% and 20 wt% NaCl aqueous solutions respectively and pressures up to 200 bar (below 




Figure 3.1 Bar chart of temperature and pressure ranges covered in this study (solid bars) and 
those reported in the literature for solubility of CO2 in NaCl aqueous solutions 























































Figure 3.2 Bar chart of temperature and pressure ranges covered in this study (solid bars) and 
those reported the literature for solubility of CO2 in KCl aqueous solutions 
 
Figure 3.3 Bar chart of temperature and pressure ranges covered in this study (solid bars) and 
those reported in the literature for solubility of CO2 in CaCl2 aqueous solutions 


































































Figure 3.4 Bar chart of temperature and pressure ranges covered in this study (solid bars) and 
those reported in the literature for solubility of CO2 in MgCl2 aqueous solutions 
 
3.2 Experimental Equipment, Materials, and Procedures 
3.2.1 Materials  
1- CO2: High purity research grade CO2 (99.995%), with less than 49 ppm of 
impurities, was purchased from Air Products.  
2- NaCl: 0.99 pure sodium chloride was purchased from Fischer Chemistry. 
3- KCl: 0.99 pure potassium chloride was purchased from Fischer Chemistry and 
ALDRICH. 
4- CaCl2: 0.99 pure calcium chloride di-hydrate was purchased from Fischer 
Chemistry. 
5- MgCl2: 0.99 pure magnesium chloride hexa-hydrate was purchased from Fischer 
Chemistry. 
3.2.2 Experimental equipment  
The solubility measurements in this work were performed using an  equilibrium cell 
mounted on a rocking type rig based on the static-analytical method suggested by Chapoy 
et al. [443]. Following equipment constitute the experimental setup used in this work for 





























solubility measurements. A simple process and instrumentation diagram of the setup is 
shown in Figure 3.5.  
1- The cylindrical cell (R01): The equilibrium cell used for the phase equilibria 
measurements was made from titanium, with an effective volume of 300 cm3, an 
operating range of 50 – 200 °C and maximum operating pressure of 690 bar. 
 
2- Metallic jacket: The R01 cell was placed inside a metallic jacket allowing the bath 
circulating fluid to envelop the R01 cell and keeping its temperature controlled. 
The R01 cell is sealed within the metallic jacket so that the valves of the cell can 
be accessible easily from outside of the jacket. The metallic jacket was insulated 
using polystyrene foams to prevent heat loss. The pipes connected to the jacket 
were covered using insulation foam. 
 
3- Bath (C01): The temperature of the circulating fluid is controlled by a Julabo FP50 
cryostat, for solubility measurements at low temperatures and Julabo MA GB 
Class III for solubility measurements at elevated temperatures. The baths can 
pump the fluids through the jacket at constant flow rate of 15 L/min and keeping 
the circulating fluid temperature within ±0.02 °C and ±0.1 °C respectively. 
  
4- The cylindrical cell (S01): The cell S01 used for storing pure CO2 at 500 bar to 
load the R01 rig and to keep the pressure of the cell R01 constant during sampling. 
The cell is made of titanium, with an effective volume of 600 cm3, an operating 
range of 50 – 200 °C and rated to 690 bar. 
 
5- Gasometer (M01): A manual gasometer provided by VINCI Technology was used 
to measure the volume of the released gas from the separator vessel at the 
specified temperature and pressure. The maximum capacity of gasometer is 4000 
cm3, with a volume, temperature and pressure accuracy of 0.1 cm3, 0.1 °C and 
0.01 psi respectively. 
 
6- Two phase separator (S02): An Erlenmeyer flask equipped with a magnetic stirrer 
was used to collect the receiving fluids from the equilibrium cell R01. The flash 
vessel is sealed and connected to the bottom outlet of the equilibrium cell and the 
inlet of the gasometer. The stirrer was used to ensure separate the maximum 
amount of dissolved gas from the liquid. For measurements at 373 and 423 K 
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measurements, the Erlenmeyer flask is placed within a container filled with 
chilled water to keep the temperature of the flask low and prevent the vaporisation 
of the brine. Also, the line between the R01 cell and the separator is long enough 
to make sure that the fluids are cooled down on its way before entering the 
separator.  
 
7- Balance: The mass of the sampled brine was measured using a Mettler Toledo 
balance with a capacity range of 0.5 – 3100 g, a resolution of 0.01 g and an 
accuracy of ±0.01 g. 
 
8- Temperature probe: Two temperature monitoring systems were used to control 
and maintain the rig at a constant temperature. The temperature control system 
includes a Platinum-Resistant Thermometer (PRT) which measured the 
temperature of the jacket and the readings were logged using National Instrument 
LabVIEW 7.1. The temperature sensors were regularly calibrated using known 
fluid melting points with an accuracy of ± 0.025 °C. The cell pressure was 
measured using a strain gauge pressure transducer with an accuracy of ± 0.4 bars. 
 
9- Rocking system: The cell R01 was placed on a pivotal axis, allowing a horizontal 
rocking motion, powered by a pneumatic rocking system, connected to a timer 
unit. The rocking system results in a turbulent movement of the liquid phase on 
8.88 second intervals, ensuring complete mixing of fluids within the equilibrium 
cell and speeding up the equilibrium.  
3.2.3 Procedures  
 Loading and experiments start up 
Fresh test brine was made using the demineralized water and precisely weighted salts for 
each experiment. The equilibrium cell was washed loaded with the fresh test brine from 
the top afterwards. Around 80% of the volume of the rig was filled with the brine to keep 
the slight raise in the brine concentration after as minimum as possible, after equilibrium. 
The air in the cell was then vacuumed using an Edwards IT20 vacuum pump from the 
valve V04. The pressurised cylinder S01 containing high purity CO2 was then connected 
to the same valve, and the rig was initially pressurised after purging the connection line 
with high purity CO2. Because the increasing or decreasing the cell temperature from the 
laboratory conditions results in an unknown greater or lower pressure than the desired 
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pressure; the cell was initially loaded to 5 bar to avoid releasing the gas from the cell to 
adjust the cell pressure to the test pressure. After initially pressurising the cell, all fittings 
and connections were tested for leakage using a foaming liquid. The temperature 
controlling system was then activated and after the temperature of the cell was stabilised 
at the desired temperature, the pressure of the cell was increased to a pressure around 20% 
higher than the test pressure to offset the pressure drop of the cell due to the dissolving of 
CO2 in the aqueous phase. The system was allowed to rock for a while until the state of 
equilibrium i.e. when the dynamic curve of logged temperature and pressure become 
plateau, is reached. During equilibration, the temperature of the bath was controlled and 
logged. The cell pressure was also recorded using LabVIEW. 
 
 
Figure 3.5 Diagram showing the rocking cell setup used for measuring the solubility of CO2 in 
brine. 
 
Measurement and sampling 
To measure the solubility of CO2 at the specified pressure and temperature, the rocking 
system was stopped and the separator vessel S02 was connected to valve V03 at the 
bottom of the cell R01 using a 250 mm stainless steel pipe with an internal diameter of 
1.6 mm. The separator vessel was then connected to the gasometer and pressure of the 
gasometer was reset to the atmospheric pressure by opening the outlet valve. The initial 
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conditions of the system including lab pressure and the temperature, the weight of empty 
separator vessel, and the initial volume of the gasometer cylinder were recorded. To 
maintain the pressure of the equilibration cell constant during the sampling procedure, 
the pressurised the cell S01 was connected to the valve V04 and the connecting pipe was 
purged with CO2. After ensuring that the pipe was swept completely with CO2, the 
connection was tested with foaming liquid to check for any leakage.  
 
The liquid is then sampled by gradually opening the bottom valve V03, and the top valve 
V04 with care at the same time to keep the pressure of the equilibrium cell constant during 
sampling. After enough liquid and gas were collected from the equilibrium cell, the 
sampling valve V03 and CO2 injection valve V04 were shut. The stirrer was let to work 
for a few minutes to release all the gas from the sampled liquid. After a few minutes, the 
volume of the gasometer was adjusted using the manual handle to reach the exact 
atmospheric pressure that was recorded before sampling. The ultimate volume of the cell 
and the weight of the separator were then recorded. Having the amount of the CO2 
collected in the gasometer and also the weight of the aqueous phase, the CO2 solubility 
in the test liquid at the equilibrium temperature and pressure of the cell was then 
calculated. 
 
 Uncertainty calculation 
To calculated the uncertainty of each measurement, we assumed that the measured 
solubility is a function of lab temperature, lab pressure and the weight of liquid and 

















∆𝑧2 + ⋯   Eq.3.1 
After each solubility measurements, the volume of the released CO2 from the liquid at lab 
temperature and pressure, the weight of sampled liquid is known. The number of moles 
of CO2 was calculated using the experimental density of CO2 at lab conditions and the 
weight of liquid was measured using a balance with 0.01 g precision. For calculating the 
error associated with the calculation of released CO2 number of moles, we assume that 
the CO2 at lab conditions follow the ideal gas behaviour and the density can be calculated 






          Eq.3.2 
Using the ideal gas equation, and having the error of pressure gauge and temperature 
probe of the gasometer, the error associated with the released CO2 number of moles 
calculation was calculated using the equation Eq.3.1. The CO2 mole fraction was then 




         Eq. 3.3 
 
3.3 Experimental Results 
3.3.1 Solubility of CO2 in demineralised water 
The solubility measurement results are presented in this section. In this dissertation, the 
CO2 solubility in the aqueous phase is expressed as the mole fraction of CO2 in the salt-
free aqueous phase. To check whether the experimental setup used and the measurement 
procedure followed, are reliable for solubility measurements, the solubility of CO2 in 
demineralised water was measured at 50 °C and 100 °C. The experimental results were 
then compared to the PC-SAFT and the CPA models which were adjusted to literature 
data in Chapter 2. Table 3.6 summarises the measured solubilities and model calculations 
for CO2 solubility in pure water at 50 and 100 °C. Figure 3.6 and Figure 3.7 graphically 
compare the model calculation, literature data and measured CO2 solubility in pure water 
at 50 °C and 100 °C respectively. As can be seen, excellent agreements were found 
between the experimental results, literature and model calculations indicating that the 
method used for solubility measurements is suitable over the investigated temperature 


















bara CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
78.76 0.0180 0.0002 0.0174 0.0185 2.97% 3.19% 
208.14 0.0232 0.0002 0.0234 0.0237 0.76% 2.01% 
398.55 0.0257 0.0002 0.0269 0.0270 4.52% 5.02% 
524.14 0.0276 0.0002 0.0285 0.0287 3.15% 3.97% 
AAD % 2.85% 3.55% 
T = 100 °C 
80.34 0.0120 0.0001 0.0108 0.0118 10.51% 2.19% 
81.03 0.0122 0.0001 0.0108 0.0118 11.32% 3.10% 
175.86 0.0185 0.0002 0.0180 0.0188 2.56% 1.81% 
400.00 0.0243 0.0003 0.0250 0.0253 3.10% 4.15% 
AAD % 6.87% 2.81% 
 
 
Figure 3.6 Comparison of measured CO2 solubility in distilled water at 50 °C with literature data 


























EXP - Literature Data






Figure 3.7 Comparison of measured CO2 solubility in distilled water at 100 °C with literature data 
and model calculations (literature data taken from: [385], [388], [389], [445] ) 
 
3.3.2. Solubility of CO2 in NaCl aqueous solutions at low temperatures (T≤ 25 °C) 
In this section, the results of CO2 solubility measurements in NaCl aqueous solutions are 
presented. All the measurements were performed at outside the hydrate stability zone of 
the systems (see Figure 3.8 and Figure 3.9, the test conditions versus the hydrate phase 
































Figure 3.8 Hydrate phase boundary of CO2 - 20 wt% brine systems and solubility measurement 
conditions 
 











































To validate the experimental results, the CPA and the PC-SAFT models were tuned to 
the solubility data obtained in this study as they had been measured over a broad range of 
temperature and salinity, especially at low temperatures (T < 25 °C). The model 
calculations were then compared to the Duan model predictions.  
 
Figure 3.10 Calculated solubility of CO2 in different concentrations of NaCl aqueous solutions at 
303.15 K and pressures up to 1000 bar using the PC-SAFT and the Duan [295] models 
Figure 3.10 to Figure 3.12 illustrate the calculated CO2 solubility in various 
concentrations of NaCl aqueous solutions at 303.15, 363.15 and 423.15 K respectively. 
As shown in Figure 3.11 and Figure 3.12 the calculated solubilities using the PC-SAFT 
and the CPA models are in good agreements with the Duan model in different salinities. 
However as displayed in Figure 3.10, the calculated solubilities using the PC-SAFT and 
the CPA EoSs deviate considerably at 303.15 K and pressure more than 200 bar. It is 
suggested that the performances of the PC-SAFT and the CPA models are more accurate 
and closer to the behaviour of the system at these conditions as the models were tuned to 
the experimental data at a broader range of temperature and pressure, while the 
experimental data employed to adjust the Duan model were limited at low temperatures 
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Figure 3.11 Calculated solubility of CO2 in different concentrations of NaCl aqueous solutions at 
363.15 K and pressures up to 1000 bar using the PC-SAFT and the Duan [295] models 
 
Figure 3.12 Calculated solubility of CO2 in different concentrations of NaCl aqueous solutions at 
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Experimental results of CO2 solubility in 10 wt% NaCl aqueous solution at low 
temperatures together with the model calculation are reported in Table 3.7, Table 3.8 and 
Table 3.9. Table 3.10, Table 3.11 and Table 3.12 also summarise measured and calculated 
solubilities in 20 wt% solution. Please note that the measured solubilities at below 278.15 
K were not used to tune the CO2/salt binary interaction parameters.  
As reported in Table 3.7 and can be seen in Figure 3.13, model calculations and 
experimental results are quite closed at 25 °C for solubilities in 20 wt% aqueous solution 
while for the 10 wt% at pressures higher than 100 bar a deviation of around 8% is 
observed. Also as presented in Table 3.8, Table 3.10 and Table 3.11, very good 
agreements were found between models calculation and experimental solubility results in 
10 and 20 wt% solutions results at 15 °C, 10 °C and 5 °C with around 5% or less deviation 
from the experimental data (see Figure 3.14 to Figure 3.16).  
Table 3.7 Calculated and measured solubility of CO2 in 10 wt% NaCl aqueous solutions at 25 °C 





bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 25 °C 
17.93 0.0061 0.0001 0.0060 0.0063 0.88% 2.84% 
18.34 0.0064 0.0001 0.0062 0.0064 4.18% 0.59% 
40.34 0.0122 0.0001 0.0121 0.0125 0.29% 2.63% 
41.52 0.0121 0.0001 0.0124 0.0128 2.40% 5.36% 
50.62 0.0136 0.0001 0.0143 0.0147 5.08% 7.91% 
68.97 0.0164 0.0002 0.0165 0.0167 0.68% 1.60% 
68.97 0.0161 0.0001 0.0165 0.0167 2.65% 3.58% 
68.97 0.0158 0.0001 0.0165 0.0167 4.73% 5.69% 
108.90 0.0168 0.0002 0.0174 0.0173 3.57% 3.24% 
131.03 0.0168 0.0002 0.0177 0.0176 5.67% 4.97% 
131.03 0.0169 0.0002 0.0177 0.0176 5.04% 4.35% 
182.76 0.0170 0.0002 0.0184 0.0182 8.55% 7.34% 
184.14 0.0170 0.0002 0.0185 0.0182 8.64% 7.42% 
270.34 0.0179 0.0002 0.0194 0.0192 8.19% 6.77% 
270.34 0.0177 0.0002 0.0194 0.0192 9.75% 8.31% 
331.79 0.0182 0.0002 0.0200 0.0197 9.97% 8.63% 








Table 3.8 Calculated and measured solubility of CO2 in 10 wt% NaCl aqueous solutions at 14.9°C, 
10 °C and 5 °C 






bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 14.9 °C 
16.21 0.0072 0.0001 0.0071 0.0074 1.09% 3.50% 
52.41 0.0177 0.0002 0.0181 0.0190 2.31% 7.50% 
91.72 0.0180 0.0002 0.0188 0.0190 4.35% 5.43% 
127.59 0.0192 0.0002 0.0193 0.0194 0.59% 1.21% 
238.76 0.0193 0.0002 0.0206 0.0207 6.73% 6.99% 
AAD % 3.01% 4.93% 
T = 10 °C 
30.00 0.0136 0.0002 0.0141 0.0145 3.71% 6.65% 
30.90 0.0161 0.0002 0.0145 0.0149 10.25% 7.73% 
70.34 0.0185 0.0001 0.0196 0.0197 6.13% 6.72% 
98.62 0.0186 0.0001 0.0201 0.0201 7.60% 7.80% 
142.97 0.0200 0.0001 0.0207 0.0206 3.55% 3.39% 
198.97 0.0205 0.0001 0.0213 0.0213 4.34% 4.02% 
251.72 0.0213 0.0001 0.0219 0.0218 2.82% 2.53% 
AAD % 5.49% 5.55% 
T = 5 °C 
9.93 0.0063 0.0001 0.0061 0.0062 2.90% 1.22% 
16.83 0.0103 0.0001 0.0101 0.0102 2.52% 1.40% 
24.83 0.0147 0.0001 0.0142 0.0143 3.42% 2.82% 
30.90 0.0161 0.0001 0.0170 0.0171 5.81% 6.13% 
AAD % 3.66% 2.89% 
 
Table 3.9 Calculated and measured solubility of CO2 in 10 wt% NaCl aqueous solutions at 0 °C, -5 
°C and -10 °C 






bar CPA PC-SAFT 
Deviation 
CPA PC-SAFT 
T = 0 °C 
6.28 0.0050 0.0001 0.0047 0.0049 6.16% 3.16% 
10.14 0.0078 0.0001 0.0075 0.0077 3.41% 0.58% 
13.59 0.0102 0.0001 0.0099 0.0101 3.04% 0.52% 
AAD % 4.20% 1.42% 
T = -5 °C 
2.97 0.0030 0.0001 0.0028 0.0028 6.29% 8.44% 
4.41 0.0046 0.0002 0.0042 0.0041 8.26% 10.50% 
6.21 0.0061 0.0001 0.0058 0.0057 4.61% 7.09% 
AAD % 6.39% 8.68% 
T = -10 °C 
2.99 0.0035 0.0002 0.0037 0.0032 5.56% 6.15% 
 105 
 
Table 3.10 Calculated and measured solubility of CO2 in 20 wt% NaCl aqueous solutions at 25 °C 
and 15 °C 





bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 25 °C 
16.21 0.0041 0.0001 0.0037 0.0038 9.34% 7.94% 
39.79 0.0083 0.0001 0.0079 0.0080 4.47% 3.59% 
64.97 0.0109 0.0001 0.0107 0.0108 2.22% 1.18% 
81.72 0.0113 0.0001 0.0109 0.0108 3.10% 4.35% 
119.66 0.0116 0.0001 0.0114 0.0111 1.73% 3.78% 
119.66 0.0114 0.0001 0.0114 0.0111 0.33% 2.40% 
158.28 0.0120 0.0001 0.0117 0.0114 2.38% 4.79% 
236.07 0.0125 0.0001 0.0123 0.0119 2.06% 4.75% 
AAD % 3.20% 4.10% 
T = 15 °C 
26.62 0.0075 0.0001 0.0071 0.0072 4.58% 3.80% 
26.62 0.0072 0.0001 0.0071 0.0072 0.67% 0.13% 
47.66 0.0111 0.0001 0.0110 0.0110 0.65% 0.15% 
51.17 0.0119 0.0001 0.0114 0.0115 3.95% 3.31% 
139.31 0.0125 0.0001 0.0123 0.0120 1.72% 3.81% 
247.31 0.0129 0.0001 0.0130 0.0127 1.08% 1.26% 





















Table 3.11 Calculated and measured solubility of CO2 in 20 wt% NaCl aqueous solutions at 10 °C 
and 5 °C  





bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 10 °C 
13.66 0.0049 0.0001 0.0046 0.0045 8.05% 8.27% 
13.66 0.0050 0.0001 0.0046 0.0045 9.17% 9.39% 
27.66 0.0088 0.0001 0.0084 0.0083 4.73% 5.49% 
45.24 0.0121 0.0001 0.0120 0.0119 0.61% 1.56% 
45.24 0.0124 0.0001 0.0120 0.0119 3.40% 4.32% 
74.62 0.0127 0.0001 0.0123 0.0120 3.39% 6.05% 
74.62 0.0125 0.0001 0.0123 0.0120 1.68% 4.39% 
90.90 0.0125 0.0001 0.0125 0.0121 0.05% 2.90% 
158.62 0.0130 0.0001 0.0130 0.0126 0.11% 3.25% 
158.62 0.0131 0.0001 0.0130 0.0126 0.63% 3.96% 
212.41 0.0133 0.0001 0.0134 0.0129 0.42% 3.00% 
AAD % 2.93% 4.78% 
T = 5 °C 
9.0345 0.0041 0.0001 0.0036 0.0035 12.95% 15.41% 
24.4828 0.0096 0.0001 0.0088 0.0085 7.48% 10.76% 
39.8621 0.0128 0.0001 0.0127 0.0122 0.52% 4.31% 
108.9655 0.0137 0.0001 0.0134 0.0126 2.52% 7.91% 
147.9310 0.0140 0.0001 0.0137 0.0129 2.32% 7.85% 
147.9310 0.0140 0.0001 0.0137 0.0129 2.64% 8.15% 
204.4138 0.0142 0.0001 0.0140 0.0133 0.77% 6.41% 


















Table 3.12 Calculated and measured solubility of CO2 in 20 wt% NaCl aqueous solutions at 0 °C, -5 






bar   CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 0 °C 
16.21 0.0075 0.0001 0.0072 0.0075 4.02% 1.05% 
33.72 0.0137 0.0001 0.0131 0.0135 3.87% 1.30% 
40.21 0.0139 0.0001 0.0135 0.0152 3.07% 8.67% 
67.59 0.0139 0.0001 0.0138 0.0140 0.88% 0.79% 
138.90 0.0146 0.0001 0.0143 0.0145 1.78% 0.43% 
210.55 0.0152 0.0001 0.0148 0.0150 2.80% 1.43% 
AAD % 2.74% 2.28% 
T = -5 °C 
3.5172 0.0024 0.0001 0.0021 0.0021 12.70% 14.62% 
5.2414 0.0032 0.0001 0.0031 0.0031 0.90% 3.14% 
6.2759 0.0041 0.0001 0.0037 0.0037 9.04% 11.16% 
AAD % 7.55% 9.64% 
T = -10 °C 
2.7586 0.0024 0.0001 0.0022 0.0019 8.79% 18.74% 
 
In general, a good agreement was found between experimental results and model 
predictions for all solubilities at 0 °C ≤ T ≤ 25 °C. However as reported in Table 3.9 and 
Table 3.12, measured solubilities differ from model calculations with higher AAD % at 
T< 0 °C in both brine concentrations which is because the models were tuned to the data 




Figure 3.13 Comparison of experimental results of CO2 solubility in 10 and 20 wt% NaCl aqueous 
solutions and model calculations using the CPA and the PC-SAFT equation of states at 25 °C. 
 
Figure 3.14 Comparison of experimental results of CO2 solubility in 10 and 20 wt% NaCl aqueous 























































Figure 3.15 Comparison of experimental results of CO2 solubility in 10 and 20 wt% NaCl aqueous 
solutions and model calculations using the CPA and the PC-SAFT equation of states at 10 °C. 
 
Figure 3.16 Comparison of experimental results of CO2 solubility in 10 and 20 NaCl aqueous 




























































Figure 3.17 Comparison of experimental results of CO2 solubility in 10 and 20 wt% NaCl aqueous 
solutions and model calculations using the CPA and the PC-SAFT equation of states at 0 °C. 
 
Figure 3.18 Comparison of experimental results of CO2 solubility in 10 and 20 wt% NaCl aqueous 

































































3.3.2. Solubility of CO2 in NaCl aqueous solutions at elevated temperatures  
The experimental results and calculated CO2 solubility in 10, 15 and 22 wt% NaCl 
aqueous solution at elevated temperatures, i.e. 50, 100 and 150 °C are reported in Table 
3.13, Table 3.14 and Table 3.15. Both the PC-SAFT and the CPA models correlate the 
solubilities in 10, 15 and 22 wt% solutions at all test temperatures within an acceptable 
deviation from the model calculations. However, a considerable deviation from measured 
data is observed for solubility in 15 wt% solution at 50 °C and 27 bar and in 22 wt% 
solution at 150 °C and 229 bar.  
Table 3.13 Calculated and measured solubility of CO2 in 10 wt% NaCl aqueous solutions at 50 °C, 
100 °C and 150 °C 
P Measured solubility 
Uncertainty 
Model calculations 
bar   CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
122.76 0.0134 0.0001 0.0144 0.0143 7.43% 6.78% 
259.31 0.0163 0.0002 0.0167 0.0162 2.35% 0.41% 
537.93 0.0198 0.0002 0.0192 0.0188 3.22% 5.32% 
AAD % 4.33% 4.17% 
T = 100 °C 
148.28 0.0122 0.0002 0.0121 0.0123 1.34% 0.82% 
281.38 0.0158 0.0001 0.0159 0.0157 0.50% 0.44% 
296.55 0.0158 0.0001 0.0162 0.0160 2.55% 1.45% 
407.03 0.0176 0.0001 0.0179 0.0177 1.81% 0.24% 
510.34 0.0177 0.0002 0.0192 0.0189 8.27% 6.77% 
AAD % 3.28% 2.22% 
T = 150 °C 
245.52 0.0158 0.0001 0.0160 0.0163 1.48% 3.30% 
373.03 0.0191 0.0002 0.0199 0.0199 3.97% 3.93% 
534.48 0.0218 0.0002 0.0232 0.0231 6.19% 5.76% 
AAD % 3.88% 4.33% 
 
Figure 3.19 to Figure 3.21 compare the model calculations and experimental results of 
CO2 solubilities in NaCl aqueous solutions. As discussed before, the deviation of model 
calculations from measured solubilities is high at some pressures. As illustrated, 
experimental results are qualitatively consistent regarding the effect of brine salinity 
where the solubility of CO2 is decreased with increasing the salinity of the solution. Also, 
the CPA and the PC-SAFT EoSs are appeared to perform quite similar in calculating the 




Table 3.14 Calculated and measured solubility of CO2 in 15 wt% NaCl aqueous solutions at 50 °C, 
100 °C and 150 °C 
P Measured solubility 
Uncertainty 
Model calculations 
bar   CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
27.86 0.0055 0.0001 0.0046 0.0048 16.86% 14.00% 
131.03 0.0112 0.0002 0.0120 0.0120 7.94% 7.38% 
356.55 0.0145 0.0002 0.0146 0.0142 0.53% 1.84% 
548.97 0.0172 0.0001 0.0158 0.0155 8.10% 9.59% 
AAD % 8.36% 8.20% 
T = 100 °C 
145.52 0.0113 0.0001 0.0102 0.0105 9.59% 6.47% 
371.03 0.0150 0.0002 0.0147 0.0147 1.58% 1.68% 
551.72 0.0169 0.0001 0.0165 0.0165 2.12% 1.94% 
AAD % 4.43% 3.36% 
T = 150 °C 
379.31 0.0166 0.0002 0.0168 0.0168 1.22% 1.01% 
572.48 0.0199 0.0002 0.0198 0.0197 0.51% 0.89% 
AAD % 0.86% 0.95% 
 
Table 3.15 Calculated and measured solubility of CO2 in 22 wt% NaCl aqueous solutions at 50 °C, 
100 °C and 150 °C 
P Measured solubility 
Uncertainty 
Model calculations 
bar  CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
217.24 0.0105 0.0001 0.0101 0.0099 3.94% 5.48% 
572.41 0.0118 0.0001 0.0120 0.0119 2.29% 1.34% 
AAD % 3.11% 3.41% 
T = 100 °C 
531.03 0.0129 0.0001 0.0128 0.0131 0.35% 1.60% 
T = 150 °C 
229.66 0.0116 0.0001 0.0103 0.0104 11.03% 9.77% 
409.66 0.0145 0.0002 0.0136 0.0135 6.14% 6.73% 
544.83 0.0154 0.0002 0.0152 0.0151 1.50% 2.14% 





 Figure 3.19 Comparison of experimental results of CO2 solubility in 10, 15 and 22 wt% NaCl 
aqueous solutions and model calculations using the CPA and the PC-SAFT equation of states at 50 
°C. 
 
Figure 3.20 Comparison of experimental results of CO2 solubility in 10, 15 and 22 wt% NaCl 

























































Figure 3.21 Comparison of experimental results of CO2 solubility in 10, 15 and 22 wt% NaCl 
aqueous solutions and model calculations using the CPA and the PC-SAFT equation of states at 150 
°C. 
3.3.3. Solubility of CO2 in KCl aqueous solutions at elevated temperatures  
The CO2 solubility measurement results in KCl aqueous solutions are presented in this 
section. Table 3.16, Table 3.17 and Table 3.18 summarise the measured and calculated 
CO2 solubilities in 10, 15 and 22 wt% KCl aqueous solutions respectively. The solubility 
measurements were made at 50 °C, 100 °C and 150 °C and pressures up to 548 bar to 
cover a broad range of temperature and pressure. The binary interaction parameters of 
CO2 and KCl systems were then adjusted to the solubility data measured in this work 
using both CPA and the PC-SAFT models. The tuned model calculation results were then 
compared with literature to check whether the calculated solubilities (using the models 
tuned with measured data) agree with literature CO2 solubility data and validate this work 





































Table 3.16 Calculated and measured solubility of CO2 in 10 wt% KCl aqueous solutions at 50 °C, 
100 °C and 150 °C 










T = 50 °C 
82.07 0.0165 0.0001 0.0158 0.0169 3.86% 2.43% 
222.76 0.0207 0.0001 0.0209 0.0213 1.09% 2.96% 
400.00 0.0232 0.0001 0.0235 0.0239 1.36% 2.75% 
537.72 0.0252 0.0002 0.0250 0.0255 0.82% 1.08% 
AAD % 1.78% 2.30% 
T = 100 °C 
93.10 0.0118 0.0000 0.0108 0.0118 8.34% 0.20% 
259.31 0.0192 0.0001 0.0190 0.0195 1.19% 1.64% 
537.93 0.0236 0.0001 0.0242 0.0247 2.77% 4.72% 
AAD % 4.10% 2.18% 
T = 150 °C 
162.76 0.0156 0.0001 0.0136 0.0145 12.67% 7.00% 
337.93 0.0213 0.0002 0.0213 0.0217 0.00% 2.20% 
531.03 0.0245 0.0003 0.0261 0.0264 6.51% 8.03% 
AAD % 6.39% 5.75% 
 
Table 3.17 Calculated and measured solubility of CO2 in 15 wt% KCl aqueous solutions at 50°C, 










T = 50 °C 
91.31 0.0157 0.0001 0.0156 0.0166 0.16% 6.12% 
260.69 0.0195 0.0001 0.0201 0.0205 2.84% 4.84% 
537.93 0.0237 0.0001 0.0233 0.0238 1.97% 0.34% 
AAD % 1.66% 3.76% 
T = 100 °C 
103.45 0.0119 0.0000 0.0110 0.0119 7.26% 0.64% 
281.38 0.0173 0.0001 0.0183 0.0188 5.99% 9.05% 
548.28 0.0224 0.0001 0.0227 0.0233 1.46% 3.94% 
AAD % 4.90% 4.54% 
T = 100 °C 
180.00 0.0140 0.0000 0.0131 0.0139 6.72% 0.98% 
385.31 0.0204 0.0001 0.0200 0.0205 2.04% 0.36% 
531.03 0.0228 0.0002 0.0229 0.0234 0.53% 2.78% 





Table 3.18 Calculated and measured solubility of CO2 in 22 wt% KCl aqueous solutions at 50 °C, 










T = 50 °C 
101.38 0.0146 0.0001 0.0148 0.0157 1.04% 7.09% 
288.28 0.0183 0.0001 0.0185 0.0190 1.19% 3.56% 
AAD % 1.12% 5.32% 
T = 100 °C 
117.24 0.0115 0.0000 0.0110 0.0118 4.30% 3.40% 
273.79 0.0163 0.0001 0.0165 0.0170 0.86% 4.29% 
524.14 0.0202 0.0001 0.0203 0.0209 0.48% 3.37% 
AAD % 1.88% 3.69% 
T = 150 °C 
318.97 0.0163 0.0001 0.0153 0.0159 5.82% 2.27% 
497.24 0.0188 0.0001 0.0186 0.0192 1.01% 2.09% 
AAD % 3.42% 2.18% 
 
The model calculation and experimental results are plotted in Figure 3.22 to Figure 3.24. 
As the experimental data measured in this work, used for tuning, the models correlates 
the experimental results very well within totally 2% deviation. The model calculations 
were also compared with the four datasets presented by Kiepe et al. [438], Kamps et al. 
[446], Liu et al. [434]. Calculated AAD % for each dataset are listed in Table 3.19. Figure 
3.25 to Figure 3.28 illustrate the model calculation and literature data of CO2 solubility 




Figure 3.22 Comparison of experimental results of CO2 solubility in 10, 15 and 22 wt% KCl 
aqueous solutions and model calculations using the CPA and the PC-SAFT equation of states at 50 
°C. 
 
Figure 3.23 Comparison of experimental results of CO2 solubility in 10, 15 and 22 wt% KCl 




























































Figure 3.24 Comparison of experimental results of CO2 solubility in 10, 15 and 22 wt% KCl 
aqueous solutions and model calculations using the CPA and the PC-SAFT equation of states at 150 
°C. 
 
Figure 3.25 Comparison of CO2 solubility data reported by Kiepe et al. [423] and model 



















































EXP-15.71 wt%-Kiepe et al
EXP- 6.94 wt%-Kiepe et al.






Figure 3.26 Comparison of CO2 solubility data reported by Kamps et al. [446] and model 
calculations using the CPA and the PC-SAFT equation of states at 433 K and 413 K. 
 
Figure 3.27 Comparison of CO2 solubility data reported by Kamps et al. [446] and model 























EXP-12.94 wt% at 413 K - Kamps et al.


























EXP-22.96 wt% - Kamps et al.






Figure 3.28 Comparison of CO2 solubility data reported by Liu et al. [434] and model calculations 
using the CPA and the PC-SAFT equation of states at 318 K. 
 
 
Table 3.19 Average absolute deviations of model calculations with this work experimental results 
and literature data 
wt% 
T P AAD % 
K bar CPA PC-SAFT 
Kamps et al. [446] 
12.94% 315.8-333.15 7.35-90.16 3.15% 1.11% 
12.65% 353-433.1 4.08-54.88 8.91% 2.64% 
22.96% 373.05-433.05 6.09-85.97 8.54% 6.98% 
23.19% 313.2-353.15 5.88-89.09 1.27% 4.56% 
Kiepe et al. [423] 
3.59% 313.31 0.92-82.79 4.97% 2.43% 
6.94% 313.31 1.26-86.96 1.89% 4.44% 
15.71% 313.16 2.77-97.09 4.65% 1.71% 
22.79% 313.37 3.55-89.66 14.36% 18.94% 
3.59% 353.08 1.99-99.14 20.63% 17.62% 
6.94% 352.55 3.03-94.48 17.63% 13.95% 
15.71% 353.09 2.37-105.08 3.88% 2.70% 
22.97% 353.4 3.15-95.26 18.98% 28.29% 
Liu et al. [434] 





























The AAD % of the models from three solubility datasets reported in the literature are 
summarised in Table 3.19. As presented in the Table 3.19, the deviations between the 
calculated and the experimental solubility reported by Kamps et al. [446] is about 5% for 
both the CPA and the PC-SAFT EoSs (see Figure 3.26 and Figure 3.27). The AAD % of 
calculated solubilities are 4.3 and 2.8 from the datasets reported by Liu et al. [434] (see 
Figure 3.28) using the CPA and the PC-SAFT EoSs respectively. However, the deviation 
of the model calculations from the experimental solubilities reported by Kiepe et al. [438] 
at high salinities differs considerably.  
3.3.4. Solubility of CO2 in CaCl2 aqueous solutions at elevated temperatures  
The measured and calculated solubilities of CO2 in different salt concentrations of CaCl2 
aqueous solutions at 50 °C, 100 °C and 150 °C and pressures up to 595 bar are reported 
in Table 3.20, Table 3.21, Table 3.22 and Table 3.23. The solubilities were measured in 
7.5, 10, 15.7 and 23.4 wt% CaCl2 aqueous solutions. The PC-SAFT and the CPA EoSs 
were tuned to the solubility data reported by Tong et al. [374] in which a wide range of 
temperature, pressure and concentrations were covered.  
Table 3.20 Calculated and measured solubility of CO2 in 7.5 wt% CaCl2 aqueous solutions at 50°C, 
100 °C  





bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
83.72 0.0136 0.0000 0.0134 0.0136 1.32% 0.15% 
263.45 0.0184 0.0001 0.0179 0.0173 2.84% 5.96% 
AAD % 2.08% 3.05% 
T = 100 °C 
65.17 0.0084 0.0000 0.0070 0.0072 17.15% 14.77% 
279.31 0.0156 0.0001 0.0163 0.0157 4.16% 0.55% 












Table 3.21 Calculated and measured solubility of CO2 in 10 wt% CaCl2 aqueous solutions at 50 °C, 
100 °C and 150 °C 





bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
135.86 0.0140 0.0000 0.0142 0.0140 1.09% 0.37% 
255.79 0.0155 0.0000 0.0161 0.0156 3.88% 0.73% 
475.86 0.0175 0.0001 0.0181 0.0176 3.63% 0.70% 
564.14 0.0182 0.0001 0.0187 0.0182 2.45% 0.02% 
AAD % 2.76% 0.46% 
T = 100 °C 
179.31 0.0123 0.0000 0.0124 0.0122 0.76% 0.79% 
284.83 0.0147 0.0000 0.0149 0.0143 0.80% 2.71% 
416.34 0.0166 0.0000 0.0168 0.0161 1.00% 3.09% 
554.28 0.0182 0.0001 0.0182 0.0175 0.12% 3.65% 
AAD % 0.67% 2.56% 
T = 150 °C 
216.55 0.0147 0.0001 0.0135 0.0136 7.60% 7.50% 
387.59 0.0176 0.0001 0.0183 0.0179 4.35% 1.78% 
568.97 0.0211 0.0001 0.0214 0.0209 1.74% 0.99% 





















Table 3.22 Calculated and measured solubility of CO2 in 15.7 wt% CaCl2 aqueous solutions at 50 
°C, 100 °C and 150 °C 





bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
105.52 0.0100 0.0001 0.0107 0.0107 7.43% 7.51% 
140.48 0.0111 0.0001 0.0114 0.0113 3.57% 2.08% 
246.21 0.0121 0.0001 0.0127 0.0124 4.91% 2.02% 
256.28 0.0125 0.0001 0.0128 0.0125 2.39% 0.47% 
397.93 0.0139 0.0000 0.0139 0.0135 0.40% 2.40% 
554.48 0.0140 0.0001 0.0148 0.0145 5.57% 3.34% 
555.86 0.0146 0.0001 0.0148 0.0145 1.64% 0.50% 
AAD % 3.70% 2.62% 
T = 100 °C 
80.00 0.0066 0.0001 0.0062 0.0063 6.40% 4.61% 
124.48 0.0089 0.0001 0.0083 0.0083 6.65% 6.37% 
262.07 0.0118 0.0001 0.0117 0.0113 1.11% 4.32% 
276.34 0.0120 0.0001 0.0119 0.0115 0.74% 4.13% 
409.03 0.0135 0.0001 0.0134 0.0129 0.94% 4.88% 
547.59 0.0145 0.0001 0.0146 0.0140 0.15% 3.53% 
553.79 0.0147 0.0001 0.0146 0.0141 0.41% 4.06% 
AAD % 2.34% 4.56% 
T=150 °C 
244.34 0.0118 0.0001 0.0116 0.0114 1.41% 3.47% 
406.90 0.0150 0.0001 0.0148 0.0142 1.60% 5.44% 
595.86 0.0178 0.0001 0.0171 0.0165 3.62% 7.34% 
















Table 3.23 Calculated and measured solubility of CO2 in 23.4 wt% CaCl2 aqueous solutions at 50 






bar CPA PC-SAFT 
CPA PC-SAFT 
Deviation 
T = 50 °C 
116.55 0.0076 0.0000 0.0082 0.0081 7.76% 7.17% 
236.41 0.0085 0.0000 0.0093 0.0091 9.79% 6.97% 
385.24 0.0094 0.0000 0.0102 0.0099 8.30% 5.44% 
530.21 0.0101 0.0000 0.0108 0.0106 7.01% 4.85% 
AAD % 8.22% 6.11% 
T = 100 °C 
151.31 0.0071 0.0000 0.0070 0.0069 1.67% 2.67% 
292.14 0.0091 0.0000 0.0091 0.0087 0.16% 3.94% 
405.59 0.0099 0.0000 0.0100 0.0096 1.69% 2.41% 
562.07 0.0110 0.0000 0.0109 0.0105 0.14% 3.79% 
AAD % 0.91% 3.20% 
T = 150 °C 
246.21 0.0091 0.0000 0.0086 0.0083 5.43% 9.41% 
424.14 0.0112 0.0000 0.0111 0.0104 1.23% 6.97% 
552.41 0.0123 0.0000 0.0122 0.0115 0.61% 6.35% 




Figure 3.29 Comparison of experimental results of CO2 solubility in 7.5, 10, 15.7 and 23.4 wt% 
































Figure 3.30 Comparison of experimental results of CO2 solubility in 7.5, 10, 15.7 and 23.4 wt% 
CaCl2 aqueous solutions and model calculations using the CPA and PC-SAFT models at 100 °C. 
 
Figure 3.31 Comparison of experimental results of CO2 solubility in 10, 15.7 and 23.4 wt% CaCl2 

























































Figure 3.29, Figure 3.30 and Figure 3.31 compare the measured CO2 solubility in 7.5, 10, 
15.7 and 23.4 wt% solutions with the model calculations. As illustrated, the solubility 
decreases with increasing the salinity of the brine at each given temperature. Also, models 
correlate the experimental data with AAD % less than 5 at almost all temperatures. 
However, the deviation between calculated and measured solubilities in 23.4 wt% 
solution at 50 °C and 150 °C (calculated values using PC-SAFT EoS) differ by less than 
8 %. The model calculations were also compared to two sets of literature solubility data 
to test the model performance further and to compare the deviation of our experimental 
results and those reported in the literature from model calculations.  
Table 3.24 presents the AAD % of the calculated solubilities from the data reported by 
Prutton et al. [380], Liu et al. [434] and Zhao et al. [375]. The total AAD % of the model 
calculations from the data reported by Prutton et al. [380] is around 7% using either the 
PC-SAFT or the CPA EoSs (see Figure 3.32 and Figure 3.33). The absolute average 
deviation of calculated solubilities using the CPA and the PC-SAFT EoSs from the data 
reported Zhao et al. [375] are 4.8% and 3.5% respectively (see Figure 3.34). The AAD % 
values of the model calculations from Liu et al. dataset are 3.97% and 3.61% for the CPA 



















Table 3.24 The average absolute deviation of the models tuned with experimental data reported by 
Tong et al. [374] and solubility data reported by Prutton et al. [380], Liu et al. [434] and Zhao et al. 
[375] 
Brine salinity wt% T - K P - bar 
AAD % 
CPA PC-SAFT 
Prutton et al. 
10.1 348.65 16.21-628.06 13.46% 10.39% 
10.1 374.15 17.22-626.03 10.70% 7.44% 
10.1 394.15 21.27-712.14 7.86% 7.07% 
20.2 349.15 22.28-607.8 6.76% 1.74% 
20.2 374.15 23.30-656.42 7.52% 2.35% 
20.2 394.15 25.32-658.45 11.41% 14.76% 
30.2 349.15 15.12-633.12 1.90% 14.05% 
30.2 374.15 74.96-638.19 3.56% 14.52% 
30.2 394.15 84.08-673.64 6.58% 18.56% 
Liu et al. 
10 318.15 20.9-158.6 3.97% 3.26% 
Zhao et al. 
3.56 323 - 423 15 7.27% 3.85% 
6.89 324 - 423 15 6.11% 3.58% 
9.99 325 - 423 15 5.52% 3.87% 
12.89 326 - 423 15 4.11% 3.31% 
15.61 327 - 423 15 2.70% 2.73% 
18.16 328 - 423 15 3.13% 3.96% 
 
Figure 3.32 CO2 solubility in CaCl2 aqueous solutions: comparison between experimental data 
reported by Prutton et al. [380] and model calculations using the CPA and the PC-SAFT equation 
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Figure 3.33 CO2 solubility in CaCl2 aqueous solutions: comparison between experimental data 
reported by Prutton et al. [380]and model calculations using the CPA and the PC-SAFT equation of 
states at 394.15 K. 
 
Figure 3.34 CO2 solubility in CaCl2 aqueous solutions: comparison between experimental data 
reported by Zhao et al. [375] and model calculations using the CPA and the PC-SAFT equation of 























Prutton et al.-10.1 wt%
Prutton et al.-20.2 wt%



























Brine Concentration - wt %
EXP - 323 K- Zhao et al.
EXP- 373 K - Zhao et al.





3.3.5. Solubility of CO2 in MgCl2 aqueous solutions at elevated temperatures  
The solubility of CO2 in various concentrations of MgCl2 aqueous solution was measured 
at 50 °C, 100 °C and 150 °C and pressures up to 544 bar. The experimental results are 
reported in Table 3.25 to Table 3.28. Measured and calculated solubilities using the CPA 
and the PC-SAFT EoSs are compared graphically through Figure 3.35, Figure 3.36 and 
Figure 3.37. To validate the experimental results of this study with those reported in the 
literature, the CPA and the PC-SAFT equation of states were adjusted to the two most 
recent datasets reported by Tong et al. [374] and Zhao et al. [375]. As declared in Table 
3.25 to Table 3.28 excellent agreements were found between model calculations and the 
experimental results of this work. However, the average deviation between calculated and 
measured CO2 solubilities in 29 wt% solution at 100 °C is slightly high using the CPA 
and the PC-SAFT EoSs.  
Table 3.25 Calculated and measured solubility of CO2 in 6.7 wt% MgCl2 aqueous solutions at 50°C, 
100 °C  
P Measured 
solubility 
  Model calculation 
Uncertainty     CPA PC-SAFT 
bar   CPA PC-SAFT Deviation 
T = 50°C 
166.90 0.0161 0.0002 0.0161 0.0159 0.35% 0.99% 
379.31 0.0200 0.0002 0.0189 0.0185 5.48% 7.67% 
544.83 0.0218 0.0002 0.0203 0.0200 6.72% 8.30% 
AAD % 4.19% 5.65% 
T = 100°C 
165.52 0.0141 0.0002 0.0133 0.0132 5.78% 6.27% 
377.59 0.0183 0.0002 0.0182 0.0175 0.36% 4.00% 
544.83 0.0214 0.0002 0.0203 0.0196 4.92% 8.22% 













Table 3.26 Calculated and measured solubility of CO2 in 11 wt% MgCl2 aqueous solutions at 50°C, 






    CPA PC-SAFT 




82.34 0.0111 0.0001 0.0108 0.0111 2.83% 0.14% 
236.55 0.0142 0.0001 0.0142 0.0140 0.11% 1.43% 
414.76 0.0164 0.0001 0.0157 0.0155 4.18% 5.50% 
538.34 0.0175 0.0002 0.0165 0.0164 5.25% 6.03% 
AAD % 3.09% 3.27% 
T=100°C 
157.24 0.0109 0.0001 0.0109 0.0109 0.21% 0.30% 
283.38 0.0137 0.0001 0.0139 0.0135 1.51% 1.31% 
140.69 0.0109 0.0002 0.0103 0.0103 5.57% 5.07% 
340.69 0.0150 0.0002 0.0148 0.0143 1.82% 4.91% 
533.79 0.0175 0.0001 0.0169 0.0163 3.69% 6.67% 
AAD % 2.56% 3.65% 
T=150°C 
168.97 0.0110 0.0001 0.0104 0.0104 5.45% 5.51% 
298.62 0.0140 0.0001 0.0145 0.0140 3.74% 0.50% 
415.72 0.0161 0.0001 0.0168 0.0162 4.61% 0.31% 
AAD % 4.60% 2.10% 
 
Table 3.27 Calculated and measured solubility of CO2 in 18 wt% MgCl2 aqueous solutions at 50 °C, 





 Model calculation 
Uncertainty  CPA PC-SAFT 
bar   CPA PC-SAFT Deviation 
T = 50°C 
164.83 0.0098 0.0001 0.0099 0.0098 0.45% 0.52% 
273.10 0.0113 0.0001 0.0108 0.0106 3.95% 5.69% 
AAD % 2.20% 3.10% 
T = 100°C 
187.24 0.0088 0.0001 0.0091 0.0090 3.04% 2.18% 
302.28 0.0106 0.0001 0.0108 0.0105 1.95% 0.69% 
416.21 0.0116 0.0001 0.0119 0.0116 2.44% 0.52% 
AAD % 2.48% 1.13% 
T = 150°C 
208.97 0.0089 0.0001 0.0088 0.0085 1.22% 4.20% 
342.00 0.0110 0.0001 0.0113 0.0107 2.29% 2.96% 
447.52 0.0123 0.0001 0.0126 0.0119 2.41% 3.35% 
542.76 0.0132 0.0001 0.0136 0.0128 2.40% 3.33% 
AAD % 2.08% 3.46% 
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T = 50°C 
82.76 0.0051 0.0001 0.0050 0.0052 1.89% 2.80% 
246.90 0.0065 0.0001 0.0064 0.0065 1.61% 0.51% 
411.10 0.0072 0.0001 0.0070 0.0071 1.56% 0.36% 
532.41 0.0076 0.0001 0.0074 0.0075 2.68% 0.91% 
AAD % 1.94% 1.15% 
T = 100°C 
135.03 0.0046 0.0001 0.0051 0.0052 10.02% 10.99% 
286.76 0.0064 0.0001 0.0069 0.0068 8.10% 5.77% 
402.76 0.0071 0.0001 0.0077 0.0075 8.63% 5.90% 
544.83 0.0079 0.0001 0.0083 0.0081 5.19% 2.93% 
AAD % 7.99% 6.40% 
 
 
Figure 3.35 Comparison of experimental results of CO2 solubility in 6.7, 11, 18 and 29 wt% MgCl2 




































Figure 3.36 Comparison of experimental results of CO2 solubility in 6.7, 11, 18 and 29 wt% MgCl2 
aqueous solutions and model calculations using the CPA and PC-SAFT models at 100 °C. 
 
Figure 3.37 Comparison of experimental results of CO2 solubility in 11 and 18 wt% MgCl2 aqueous 
































































3.3.6. Solubility of CO2 in a mixture of salts aqueous solutions at elevated temperatures  
The solubility of CO2 in a salt mixture aqueous solution was measured at 50 °C, 100 °C 
and 150 °C and pressures up to 571 bar. The total salinity of the test brine is 23.1 wt%, 
and it consists of NaCl, CaCl2, KCl and MgCl2. The density of the brine was measured 
using a 100 ml pyknometer at lab conditions. Table 3.29 presents the composition of the 
salt mixture and the measured solution density. Using the adjusted binary interaction 
parameters between single salts and CO2 in Chapter 2, the solubilities were calculated 
using the CPA and the PC-SAFT models and are reported in Table 3.30 together with the 
measured solubility data. The calculated and measured solubilities are also plotted in 
Figure 3.38 to Figure 3.40. 
Table 3.29 Composition of the salt mixture aqueous solution  
Salt g in 1 lit of water Weight fraction % 
NaCl 258.13 19.4 
CaCl2 40.09 2.3 
MgCl2 31.05 1.1 
KCl 3.48 0.3 
Total Salinity   23.1% 
Density measured   1176.1 gr/lit 
 
As seen, excellent agreements were found between experimental data and model 
calculations at 50 °C with the AAD % value of 1.15 and 2.03 for the CPA and PC-SAFT 
EoSs respectively, while at higher temperatures, the deviation is slightly higher especially 
at low pressures (P< 200 bar). As the salt mixture mainly consists of sodium chloride, 
with 19.5 wt% NaCl concentration, it is expected to observe a relatively similar AAD % 
as those reported for solubilities in NaCl aqueous solutions. As reported in Table 3.15, 
the AAD % values for solubilities in 22 wt% sodium chloride aqueous solutions are 6.20 
and 6.21 for the CPA and the PC-SAFT models at 150 °C, which is consistent with the 
6.23 and 6.84 AAD % values reported for the mixture of salts aqueous solution reported 










Table 3.30 Measured and calculated CO2 solubility in the salt mixture aqueous solutions at 50 °C, 






bar CPA PC-SAFT Deviation 
   CPA PC-SAFT 
T=50 °C 
100.21 0.0082 0.0001 0.0082 0.0083 0.52% 0.83% 
244.14 0.0098 0.0001 0.0098 0.0097 0.54% 1.14% 
398.90 0.0107 0.0001 0.0107 0.0106 0.12% 1.54% 
487.59 0.0113 0.0001 0.0111 0.0110 1.34% 2.62% 
571.03 0.0118 0.0001 0.0114 0.0113 3.22% 4.03% 
AAD % 1.15% 2.03% 
T=100 °C 
133.38 0.0083 0.0001 0.0074 0.0077 11.86% 7.63% 
160.21 0.0092 0.0001 0.0081 0.0084 12.46% 9.08% 
297.38 0.0109 0.0001 0.0103 0.0104 5.42% 4.16% 
313.10 0.0114 0.0001 0.0104 0.0106 8.09% 6.96% 
420.14 0.0121 0.0001 0.0114 0.0115 5.82% 4.83% 
485.31 0.0125 0.0001 0.0119 0.0120 4.80% 3.70% 
563.45 0.0130 0.0001 0.0123 0.0125 5.09% 3.69% 
AAD % 7.65% 5.72% 
T=150 °C 
189.93 0.0096 0.0001 0.0086 0.0087 10.32% 9.09% 
212.14 0.0101 0.0001 0.0092 0.0093 9.29% 8.63% 
316.55 0.0122 0.0001 0.0113 0.0112 7.38% 8.35% 
346.90 0.0125 0.0001 0.0118 0.0117 5.65% 6.90% 
438.62 0.0132 0.0001 0.0130 0.0128 1.32% 3.05% 
559.59 0.0148 0.0001 0.0143 0.0140 3.39% 4.99% 





Figure 3.38 Calculated and measured CO2 solubility in the salt mixture aqueous solution at 50 °C 
 


























































Figure 3.40 Calculated and measured CO2 solubility in the salt mixture aqueous solution at 150 °C 
 
3.4 Summary and Conclusion 
In this chapter, a brief review of the studies involved CO2 solubility measurements in pure 
water and/or aqueous solutions of salts was presented, and the gaps in the temperature 
and the pressure range covered in the literature were recognised. It was shown that the 
CO2 solubilities in pure water and aqueous solutions of sodium chloride were studied 
extensively in the literature. However, the datasets found for solubilities in NaCl aqueous 
solutions at low temperatures (T<10 °C) were limited to low pressures (atmospheric 
pressures). Hence, CO2 solubilities in various concentrations of NaCl aqueous solutions 
were measured at -10 °C to 150 °C and pressures up to the hydrate dissociation pressure 
of the system at each test temperature.  
Two equation of states, specifically, the PC-SAFT and the CPA, were used to validate 
the experimental results. The binary interaction parameter of CO2-NaCl was adjusted to 
the experimental results of this work and model calculations were compared to predicted 
solubilities using the Duan model [295] where excellent agreements were found between 
models calculated solubilities. However, it was observed that the calculated CO2 
solubilities using the PC-SAFT and the CPA EoSs at relatively low temperatures (T<30 































suggested that as the datasets used for tuning the Duan model at low temperatures were 
limited to low pressures, the calculated solubilities using the PC-SAFT and the CPA 
models are closer to the actual behaviour of CO2-NaCl aqueous solution system at such 
conditions.  
The experimental data of CO2 solubility in potassium chloride aqueous solutions were 
found to be reported at broad ranges of temperatures and salinities. However, the pressure 
range covered was limited to 200 bar. To fill this gap, CO2 solubility measurements were 
conducted in 10, 15 and 22 wt% of KCl aqueous solutions at 50 °C < T < 150 °C and 
pressures up to 548 bar. The PC-SAFT and the CPA EoSs were adjusted to the measured 
solubilities. It was shown that by employing the BIPs optimised using this work solubility 
data, the PC-SAFT and the CPA model can correlate the literature solubility data very 
well.  
The experimental results of CO2 solubility measurements in different concentrations of 
calcium chloride aqueous solutions at 50 °C < T < 150 ° C and pressure up to 595 bar 
were reported. The PC-SAFT and the CPA EoSs were adjusted to literature data, and 
model calculations were compared with this work measured solubilities. Excellent 
agreements were found between model calculations and experimental results. 
Comparing to NaCl, KCl and CaCl2, limited experimental data were found in the literature 
for CO2 solubilities in magnesium chloride aqueous solutions. Among totally four 
solubility datasets obtained in the literature, only one dataset was reported at pressures up 
to 400 bar. Therefore, CO2 solubilities in various salinity of MgCl2 aqueous solutions 
were measured at 50 °C < T < 150 °C at pressures up to 544 bar. The PC-SAFT and the 
CPA EoSs were adjusted to literature data, and model calculations were compared to 
measured solubilities. Slight deviations between model calculations and experimental 
results were obtained indicating the experimental data obtained in this work comply with 
those reported in the literature. 
The solubility of CO2 in a mixture of salts aqueous solutions were also measured at T=50, 
100 and 150 °C and pressure up to 571 bar. Using adjusted models, calculated solubilities 
were compared to experimental results. Model calculations and experimental results were 
in good agreement, and the deviations were similar to those observed for CO2 and 22 wt% 





4 –Water Content Measurements 
4.1 Introduction 
Produced natural gas from underground sources is saturated with water. Natural gas must 
pass through several pre-treatment stages including gas sweetening and gas dehydration 
where the sulphur and the moisture content of the gas are removed. H2S is very toxic and 
in the presence of free water can be converted to very corrosive acids that severely 
damage the pipeline. The mositute content of natural gas is removed in the dehydration 
stage to inhibit hydrate formation and water condensation in the pipelines or in the 
compressors. The water content of the acid gases in carbon Capture and Storage (CCS) 
scope of work is one of the critical parameters in flow assurance engineering and 
equipment design. CO2 as a hydrate former can form hydrates in the transportation 
pipelines depending on the transporting conditions and the water content of the CO2-rich 
fluid which can result in a reduction of pipeline flow capacities, pipeline blockage or 
potential damage to process facilities including filters, valves and compressors. 
Furthermore, the phase equilibria behaviour of water and acid gases like CO2 or H2S are 
slightly different than conventional hydrocarbons or atmosphere gases like O2 or N2. For 
instance, it has been observed that the water content of CO2 -rich or H2S-rich fluids shows 
a retrograde behaviour with respect to the pressure changes. In other words, by increasing 
the pressure of the system up to the bubble point pressure of the CO2-rich phase, the water 
content of the gas phase decreases. However, for binary systems of CO2-water, by further 
pressurising the system above the saturation pressure of the system, when the liquid CO2-
rich phase is formed, the water solubility in the non-aqueous phase is increased as the 
CO2-rich phase tends to dissolves more water when it is in a liquid state. Equation of 
states with conventional mixing rules cannot capture the above-mentioned retrograde 
behaviour. Hence, as discussed in Chapter 2, to model aforementioned retrograde 
behaviour, a new parameter is introduced to the association term of the equation of state 





Therefore, a good understanding on the phase equilibria of CO2-rich or natural gas 
systems in the presence of pure water or brine is essential in modelling and design of the 
CCS-related processes.  
Mutual solubilities of CO2-water system have been extensively studied in the literature 
so far. Numerous experimental datasets have been reported on the CO2 and water mutual 
solubility over broad ranges of temperature and pressure. Yan et al. [447] and Zirrahi et 
al. [448] presented extensive reviews on the CO2-water phase equilibria measurement 
studies reported in the literature. In this study, ninetheen datasets with around 376 data 
points were gathered for the water content of CO2 in equilibrium with pure water.  
Table 4.1 Experimental datasets of pure CO2 water content in equilibrium with distilled water 
reported in the literature 
Temperature range Pressure range 
Reference 
K bar 
298.15–373.15 17.3–51.5 [342] 
285.15–348.15 25.3–709.3 [332] 
323.15–348.15 101.33–152 [334] 
287.2–318.73 4.6–79.63 [340] 
288.75–366.45 6.9–202.7 [294] 
323.15–373.15 200–500 [382] 
285.15–304.2 6.9–137.9 [449] 
373.15 3.2–23.07 [392] 
373.15 -413.15 3 - 32 [450] 
323.15–353.15 40.5–141.1 [451] 
323.15 68.2–176.8 [333] 
323.15 101–301 [394] 
298.2 36 - 64 [335] 
288.15–313.15 60–243 [341] 
288.15 20 – 85 [452] 
422.98 – 498.35 39 -1290 [337] 
348.15 103.4–153.1 [411] 
288.15-313.15 51-102 [341] 
298.15-448.15 10-170 [336] 
 
The temperature and pressure ranges covered are from 285.15 K to 498.15 K and from 1 
bar to 1290 bar respectively. The dataset reported by Valtz et al. [340] includes a broad 
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range of temperature from 287.2 K to 318.15 K and pressures from 4.6 bar to 79.63 bar 
while the water content measurements reported by Tabasinejad et al. [337] covers the 
water contents of CO2-rich phase at high temperatures i.e. from 422.98 K to 498.35 K and 
pressures up to 1290 bar. Table 4.1 lists all the experimental datasets gathered together 
with the temperature and pressure ranges covered by each dataset. 
The water content of CO2-rich phases in equilibrium with pure water has also been 
investigated in the literature. Examples are, the experimental water content data reported 
by Yarisson et al. at temperature above 304.15 K at pressures up to 1000 bar for different 
binary mixtures of CO2 with methane and ethane [453]. Song and Kobayashi have also 
measured water content for a mixture of 95% CO2 and methane [454]. Huang et al. [459] 
reported the water content in 2 ternary mixtures of CO2, H2S and methane at elevated 
temperatures and pressure. Even though the CO2 solubility has been widely measured in 
aqueous solutions of different salt types with various concentrations at a broad range of 
temperatures and pressures, to our knowledge, there is no experimental data available for 
the water content of CO2-brine systems in the literature.  
4.2 Experimental Equipment, Materials and Procedures 
4.2.1 Materials 
High purity research grade CO2 (99.995%), with less than 49 ppm of impurities, was 
purchased from Air Products. The 99% pure sodium chloride, has been bought from 
ALDRICH and Fisher chemistry for CO2 water content measurements in equilibrium with 
brines. Deionized water was used for all measurements. For methane water content 
measurements, research grade methane with a stated purity of 99.99% was used. The 
synthetic gas mixtures entitled MIX1, MIX6, SYNGAS1 and SYNGAS2 with certified 
compositions were supplied by Air Products Ltd. 
4.2.2 Experimental equipment 
 Low-temperature water Content measurements (T ≤ 25 °C)  
The experimental setup for low water content measurements is comprised of an 
equilibrium cell placed on a rocking rig, an HPLC pump and a setup for measuring the 
water content of equilibrated fluids. The equilibrium cell is a 300 ml, Titanium piston 
vessel rated to 690 bar. A schematic of the rig is shown in Figure 4.1. The equilibrium 
cell is housed inside a jacket which is connected to a bath. The bath can maintain the 
temperature of the circulating fluid through the jacket within ±0.1 °C of the temperature 
setpoint and can be operated at temperatures between -90 °C and 100 °C. The cell 
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temperature was monitored using a PRT (Platinum Resistance Thermometer) located in 
the jacket. Any difference between the temperature of the jacket and the equilibrium cell 
was accounted for by measuring the temperature variations using a reference probe 
located in the cell. The temperature probe was calibrated against a platinum resistance 
probe that has a certificate of calibration issued in accordance with NAMAS 
Accreditation Standard and NAMAS Regulations. The pressure of the equilibrium cell 
was monitored using a strain gauge pressure transducer and its accuracy was checked 
using a Budenberg dead weight tester. A HITACHI MERCK L-6000 pump was also used 
for injecting the brine into the cell to maintain the pressure of equilibrium cell constant 
during sampling.  
 
Figure 4.1 Schematic illustration of rocking type rig. 
The water content measurement setup used for low-temperature conditions (T ≤ 25 °C) is 
comprised of a heated line, a Yokogawa TDLAS and a flow meter as shown in Figure 
4.2. TDLAS stands for Tunable Diode Laser Absorption Spectroscopy which is a method 
for detecting and measuring the amount of some materials (e.g. water) in a gaseous 
mixture. TDLAS method is based on the capability of gases in the rotational vibrational 
absorption. When the beam passes through a gas mixture with some moisture content, the 
water molecules absorbs the energy on the beam which reduces the signal intensity. This 
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reduction in the energy of the beam is detected at the end of the path by a receiver. The 
water content of the gas or other properties are then calculated using the Lambert-Beer 
law [456] which relates the light intensity before and after passing through a gas mixture, 
with the concentration of the species in the gas mixture at specified temperature and 
pressure. More details on the TDLAS technique can be found elsewhere [457]. 
A back-pressure regulator is placed between the TDLAS and the flow meter to maintain 
the pressure of the gas passing through the TDLAS. The Yokogawa TDLAS must to be 
operated with gas flowing through at 50 °C and 0.34 barg and can measure water content 
up to 3000 ppm (This is the reason that this setup was only used for water content 
measurements at low-temperatures). The accuracy is stated to be ±1% of the reading. A 
schematic and a picture of the Yokogawa TDLAS set-up is shown in Figure 4.3 and 
Figure 4.4. 
 





Figure 4.3 Picture of Yokogawa TDLAS. 
 
Figure 4.4 Schematic of Yokogawa TDLAS setup. 
 
 High-temperature water content measurements (T ≥ 50 °C)  
The test fluids were equilibrated with water inside a 600 ml titanium piston vessel rated 
to 690 bar. Another cylinder was also used for high pressure tests which can be used at 
pressures up to 1380 bar and temperatures up to 204 °C. The cell was placed in the 
Chandler 3000-GL PVT system (shown in Figure 4.5) to maintain the temperature of the 
equilibrium cell constant at each test temperature. Samples were taken from the 
equilibrium cell via a Winkler heated line, maintained at 200 °C to either EdgeTech 
DewMaster chilled mirror hygrometer (Figure 4.7) or Hewlett Packard 5890 Series II Gas 
Chromatograph (GC) which is fitted with a Poropak-Q column. The GC is also equipped 
with a six-port external sample injector (type 1/16) which is placed inside an oven set at 
200 °C. The flow rate of the samples through the heated valve was measured using a 
Platon flow meter. The chilled mirror hygrometer can measure dew/frost point at 
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temperatures from -75 °C to 100 °C, at pressures up to 20 bar, with a resolution of 0.1 °C 
and accuracy of ±0.2 °C. A picture of the heated line, external sample injector, and GC 
and Chandler PVT system picture are shown in Figure 4.5 and Figure 4.6. 
 
4.2.3 Experimental procedure 
 Low-temperature water content measurements (T ≤ 25 °C)  
Around 2-3 ml of brine was initially loaded into the cell at the beginning of the test. The 
cell temperature was then reduced to -10 °C and the air inside was evacuated before 
injecting the test gas. The cell temperature and pressure were then set to the desired test 
conditions. The cell temperature was then cycled to lower and higher temperatures than 
the set point over at least 20 hours. To check whether the equilibration time is sufficient 
for the system to reach equilibrium, the measurements were repeated over a number of 
days for one test. It was confirmed that the water content remained stable.  
Once equilibrium had been achieved the valve at the top of the cell was opened to fill the  
heated line up to the valve before the TDLAS and at the same time brine with the same 
concentration as the brine being tested was introduced into the base of the cell to keep the 
pressure of cell constant. The brine was injected into the cell using a HITACHI MERCK 
L-6000 pump to prevent the increase of salt concentration in the aqueous solution due to 
the evaporation of water during the test and maintaining the pressure constant by adjusting 
a constant flow rate of brine into the cell during the test. In the next step, the valve before 
the TDLAS was gradually opened to adjust a flow rate of between 0.1 and 0.3 litres per 
minute through TDLAS. The water content of the gas was then monitored until it was 
stable for at least 15 minutes. During sampling the heated line was maintained at a 
temperature of 100 °C to prevent water liquefaction in the line. After each test, the 
solution was flushed from the bottom of the cell and a fresh solution injected into the cell 
for a new measurement.  
 
 High-temperature water content measurements (50 °C < T) 
At the start of the test, the equilibrium cell was loaded with 10 ml of deionized water and 
evacuated before injecting the test gas. The test fluid was then injected into the cell and 
the cell was heated to the desired temperature. An equilibration time of at least 24 hours 
was given for the cell to reach the set temperature and for the fluids to be equilibrated. 
When the system reached equilibrium, samples were passed through the cell via the 
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heated line to the GC. To keep the cell pressure constant during the sampling, the 
hydraulic fluid with adjusted flow rate was injected behind the piston in the equilibrium 
cell. The flow rate of samples through the heated valve was kept between 200 and 500 ml 
per minute during measurements. 
 
Figure 4.5 Chandler 3000-GL PVT system 
 






Figure 4.7 Picture of EdgeTech DewMaster used to make water content measurements. 
 
 GC calibration 
Due to the very high moisture content of CO2-rich systems at high temperatures and based 
on the on the existing laboratory equipment, the gas chromatography method was chosen 
to measure the water content of the test fluid at elevated temperatures and pressures. 
Basically, in gas chromatography, a sample is vapourised (a sample which is chemically 
stable at vapourising temperature) and injected into a chromatographic column where the 
compounds are separated. The test fluid is then transported through the column by the 
flow of an inert gaseous phase called “carrier gas”. Helium was used as carrier gas in our 
measurements. The separated gas is then pass through the detectors where the response 
of each sensor are sent to the acquisition interface for each exposed compound. As the 
result, single or multiple peaks with different peak areas and retention times are shown in 
the acquisition interface for each compound. The carrier gas flow rate was adjusted to 25 
ml/min to obtain a maximum sensitivity of the detector (thin peaks), Two detectors were 
used to analyse the samples, a Thermal Conductivity Detector (TCD) and a Flame 
Ionization Detector (FID). The TCD measures the variation of the thermal conductivity 
of the carrier gas continuously while the FID measures the compound capabilities to form 
ions when it goes through the flame. Because the sample gas is burned in the FID detector, 
it is located at the outlet of the TCD to prevent the sample components decompositions.  
The GC was calibrated for each compound involved in our water content measurement 
i.e. CO2, water, and methane. For measuring the content of methane, the FID detector was 
used and to measure the content of CO2 and water the TCD detector was used. Figure 4.8, 
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Figure 4.9 and Figure 4.10 show the calibration curves of CO2, methane and water 
respectively. 
 
Figure 4.8 TCD CO2 calibration curve 
 






















































Figure 4.10 TCD water calibration curve 
 
4.3 Experimental Results 
In this section, the experimental results of water content measurements are presented. The 
experimental data are divided into two main sections, the measured water content data at 
temperatures below 25 °C and temperatures above 50 °C.  
4.3.1 Water content measurements at low temperatures (T ≤ 25 °C) 
 Water content of methane measurements results 
To test whether the setup and procedures used for measurements below 25 °C are reliable, 
the water content of pure methane in equilibrium with distilled water or hydrates were 
measured. Table 4.2 and Table 4.3 summarize the water content measurement results of 
methane at temperatures below 15 °C down to -40 °C in the presence of water or hydrates.  
The uncertainties for water content data is ±1% or 4 ppm of the reading whichever is 
greater. As can be seen from Table 4.2 and Table 4.3, with decreasing the temperature 
the AAD % from model calculations is increased. Also, based on the calculated hydrate 
dissociation pressure of the methane-water system, the states of the system at each 
temperature and pressure are specified in Table 4.2 and Table 4.3 as VLE and VHE1. At 
                                                 




























-5 °C, -20 ° C and -40 °C temperatures where all test pressures are higher than the hydrate 
dissociation pressure and methane is in equilibrium with hydrate, the deviation from the 
model is considerably high. 












VLE 35.5 550 555 556 0.85% 1.09% 
VLE 52.7 378 401 403 6.14% 6.60% 
VLE 101 248 258 260 3.86% 5.02% 
VHE 138.9 209 218 223 4.17% 6.52% 
VHE 207.8 167 182 188 9.17% 12.72% 
VHE 276.8 155 165 171 6.61% 10.37% 
VHE 380.2 146 149 155 2.32% 5.99% 
VHE 483.6 143 138 143 3.37% 0.02% 
AAD % 4.56% 6.04% 
5 °C 
VLE 18.3 577 518 519 10.15% 10.08% 
VLE 35.5 292 289 290 0.90% 0.65% 
VHE 52.7 202 207 206 2.61% 2.15% 
VHE 101 115 128 126 11.26% 9.74% 
VHE 138.9 99 110 107 10.75% 8.32% 
VHE 207.8 82 96 94 17.45% 14.10% 
VHE 276.8 75 89 87 19.30% 15.85% 
VHE 380.2 70 83 80 17.95% 14.60% 
VHE 483.6 61 77 75 26.72% 23.24% 
AAD % 13.01% 10.97% 
-5 °C 
VLE 18.3 262 254 254 3.22% 3.03% 
VHE 35.5 127 129 128 1.44% 1.13% 
VHE 52.7 88 91 90 2.90% 2.37% 
VHE 101 52 59 58 12.75% 11.19% 
VHE 138.9 43 52 51 21.27% 18.70% 
VHE 207.8 40 48 47 19.49% 16.72% 
VHE 276.8 37 45 44 22.84% 20.17% 
VHE 380.2 32 43 42 33.81% 31.06% 
VHE 483.6 29 41 40 40.05% 37.31% 


















VHE 18.3 69 62 61 10.41% 10.99% 
VHE 35.5 35 32 32 7.23% 7.94% 
VHE 52.7 21 23 23 11.82% 10.83% 
VHE 101 16 17 17 5.19% 3.47% 
VHE 138.9 14 16 16 14.94% 12.77% 
VHE 207.8 12 16 16 31.79% 30.17% 
VHE 276.8 12 16 15 29.83% 28.68% 
VHE 380.2 10 15 15 51.32% 50.25% 
VHE 483.6 9 15 15 62.53% 61.66% 
AAD % 25.01% 24.08% 
-40 °C 
VHE 18.3 8.5 7 7 13.18% 15.79% 
VHE 35.5 7.6 4 4 46.45% 48.03% 
VHE 52.7 4.6 3 3 32.00% 33.93% 
VHE 101 1.7 3 3 67.72% 63.12% 
VHE 138.9 2.8 3 3 9.81% 8.49% 
VHE 276.8 3.3 3 3 2.42% 3.03% 
AAD % 28.59% 28.73% 
 
Figure 4.11 demonstrates the water contents of methane at -40 °C to 15 °C as the function 
of pressure. The hydrate dissociation pressures at each temperature are also displayed to 
specify the region where methane is in equilibrium with hydrate phase. As seen in Figure 
4.11 at each pressure, the water content of methane is decreased with decreasing the 
temperature and at a constant temperature, the water content of methane is decreased as 




Figure 4.11 Measured methane water content in equilibrium with hydrate/water at -40 °C to 15 °C 
and pressures up to 500 bar 
Figure 4.12 and Figure 4.13 compare the experimental results, literature and calculated 
water content of methane in equilibrium with water or hydrates. As illustrated in Figure 
4.12 and Figure 4.13, the performance of the CPA and the PC-SAFT EoSs are quite 
similar in calculating the methane water content. Despite the relatively high deviation 
between model calculation and experimental results at low-water content conditions, i.e. 
low-temperatures and high pressures where hydrates present (VHE states), model 
calculations correlate the experimental results of VLE states very well with slight 
deviations.  
The measured methane water contents were also compared with water content data 
reported by Althaus et al. [458] and Chapoy et al. [459]. As demonstrated by Figure 4.12 
and Figure 4.13, at 15 °C, -5 °C and -20 °C where literature data were available, excellent 
agreements were found between this work experimental results and those reported by 
others. However, at 15 °C and pressures above 10 bar, measured water contents and 
literature (the data reported by Chapoy et al.[459]) differ to some extent. As the 
experimental results of this work agree with calculated water contents using the models 
that were adjusted to braod ranges of pressures and temperatures, it is concluded that the 
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Figure 4.12 Comparison of calculated and measured water content of methane with experimental 
data reported in the literature (literature experimental data at 15 °C taken from [458], [460], at -5 
°C  from [458] 
 
Figure 4.13 Comparison of measured water content of methane with experimental data reported in 

































Chapoy et al. 2003



































 Water content of CO2 in equilibrium with brine 
The water content of CO2 in equilibrium with 10 wt% and 20 wt% of NaCl aqueous 
solutions were measured at pressures below the hydrate dissociation pressure of the 
system. The water content of CO2 in equilibrium with 10 wt% and 20 wt% NaCl solution 
was measured at 0 °C to 25 °C and -5 °C to 25 °C respectively. Forty-three date points 
are reported in Table 4.4, Table 4.5 and Table 4.6 together with the calculated water 
content and hydrate dissociation pressures at each temperature. The uncertainty of 
measured water content data is ±1% or 4 ppm whichever is greater.  
Table 4.4 Measured water content of CO2 in equilibrium with 10 wt% NaCl aqueous solution. 
(Temperature error is ±0.1 °C and pressure error is ± 0.4 bar) 
T = 25 °C T = 15 °C T = 9.8 °C T = 5 °C T = 0 °C 
Hydrate Dissociation Pressure - bar 
𝑷𝑫𝒊𝒔𝒔𝒐𝒄𝒊𝒂𝒕𝒊𝒐𝒏>2000 1300.326 544.98 72.95 20.89 
P-bar 𝒚𝒘 - ppm P-bar 𝒚𝒘 – ppm P-bar 𝒚𝒘 - ppm P-bar 𝒚𝒘 - ppm P-bar 𝒚𝒘 - ppm 
35.50 1100 38.60 716 18.25 865 18.25 580 17.29 450 
57.56 1107 72.74 1801 73.43 1790 27.63 434   
  111.91 2164 103.70 1886 30.25 428   
  140.67 2233 201.70 2012     
  169.98 2274 310.25 2095     
  238.74 2350       
  323.08 2550       
AAD % AAD % AAD % AAD % AAD % 
CPA PC-SAFT CPA PC-SAFT CPA PC-SAFT CPA PC-SAFT CPA PC-SAFT 
6.3 8.46 14.47 25.22 11.61 22.13 6.99 14.71 9.76 15.46 
 
Figure 4.14 and Figure 4.15 compare the measured CO2 water content at various 
temperatures in equilibrium with 10 wt% and 20 wt% NaCl aqueous solutions 
respectively. As can be seen from Figure 4.14 and Figure 4.15, at the constant pressure, 
with decreasing the temperature, the water content of CO2 in equilibrium with different 
concentrations of brine is decreased, and the data are qualitatively consistent. 
Furthermore, as seen in Figure 4.14 and Figure 4.15 the trend of water content with 
respect to the pressure is changed after the bubble point pressure of CO2 where more 






Table 4.5 Measured water content of CO2 in equilibrium with 20 wt% NaCl aqueous solution. 
(Temperature error is ±0.1 °C and pressure error is ± 0.4 bar) 
T = 25 °C T = 15 °C T = 10 °C 
𝑷𝑫𝒊𝒔𝒔𝒐𝒄𝒊𝒂𝒕𝒊𝒐𝒏>2000 
P-bar 𝒚𝒘 - ppm P-bar 𝒚𝒘 - ppm P-bar 𝒚𝒘 - ppm 
35.50 968 19.50 945 24.19 595 
50.67 970 34.94 637 30.53 471 
104.46 2360 82.12 1923 207.50 1821 
  133.01 2067 332.60 1908 
  192.67 2171   
  239.98 2209   
  305.84 2365   
  392.46 2399   
AAD % AAD % AAD % 
CPA PC-SAFT CPA PC-SAFT CPA PC-SAFT 
10.00 12.78 8.85 19.52 9.59 18.97 
 
 
Table 4.6 Measured water content of CO2 in equilibrium with 20 wt% NaCl aqueous solution. 
(Temperature error is ±0.1 °C and pressure error is ± 0.4 bar) 
T = 5 °C T = 0 °C T = -5 °C 
945.64 305.86 25.18 
P-bar 𝒚𝒘 - ppm P-bar 𝒚𝒘 - ppm P-bar 𝒚𝒘 - ppm 
20.81 494.19 22.19 384 22.46 276 
32.12 431 20.32 428   
205.36 1588 96.53 1313   
321.70 1663 207.50 1379   
  317.98 1430   
AAD % AAD % AAD % 
CPA PC-SAFT CPA PC-SAFT CPA PC-SAFT 





Figure 4.14 Measured CO2 water content in equilibrium with 10 wt% NaCl aqueous solution at 5 
°C to 25 °C 
 
Figure 4.15 Measured CO2 water content in equilibrium with 20 wt% NaCl aqueous solution 







































Figure 4.16 compares the experimental results of CO2 water contents in equilibrium with 
10 wt% and 20 wt% NaCl aqueous solutions at the same temperature, 15 °C. As illustrated 
in Figure 4.13, the water content of CO2 is lower when the salinity of brine increases due 
to the decrease in the activity of water in a higher salt concentration brine. This would 
affect the hydrate dissociation point of the system such that the hydrate dissociation 
pressure is increased and in the same way the hydrate dissociation temperature of the 
system is decreased due to the reduction of water available for hydrate formers to form 
hydrates. Based on our knowledge, there is no data for the water content of pure CO2 or 
CO2-rich phases in equilibrium with brine in the literature so far.  
 
Figure 4.16 Comparisons of the measured water content of CO2 in equilibrium with 10 wt% and 20 
wt% NaCl aqueous solutions at 15 °C 
The measured water content reported in Table 4.4 to Table 4.6 are compared with 
calculated water contents using the PC-SAFT and the CPA equation of states tuned with 
literature data (See Chapter 2) in Figure 4.17 to Figure 4.25. As displayed, the model can 
capture the retrograde behaviour of CO2 water content trend with respect to the pressure 
at all temperatures and concentrations. Also, the CPA and the PC-SAFT models show 
relatively similar performance before the bubble point pressure of CO2. However, the 
calculated water contents are slightly different at above bubble point pressures using the 
CPA and the PC-SAFT EoSs. The deviation between model calculations and 















CO2 water content - ppm
EXP 20 wt% - 15 °C
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saturation pressure of CO2, the model calculation, and experimental results deviate 
considerably at all temperatures. The model calculations and experimental data of CO2 
water content in equilibrium with pure water and 10 wt% and 20 wt% NaCl aqueous 
solutions are compared in Figure 4.19 and Figure 4.22. As seen in Figure 4.19 and Figure 
4.22, both calculated (using the same EoS) and measured water contents of CO2 in 
equilibrium with brine are less than calculated and experimental CO2 water contents in 
equilibrium with pure water which shows that experimental results are qualitatively 
consistent. Also, the agreement between the experimental and calculated CO2 water 
contents in equilibrium with pure water is much better using CPA EoS compared to those 
calculated using PC-SAFT model. The reason for such an error obtained using PC-SAFT 
EoS is the temperature range used for tuning the model for CO2 and water system. As 
explained in Chapter 2, because of the limited available experimental CO2 water content 
data at temperatures below 293.15 K, the BIP and solvation parameter between water and 
CO2 were optimised using the experimental data reported at 293.15 K up to 423.15 K. 
Therefore, it is also concluded that a percentage of the deviation between measured and 
calculated CO2 water content in equilibrium with brine using PC-SAFT EoS is due to the 
error in modelling the phase equilibria of CO2-water system. It is also suggested that as 
the solvation parameter (please refer to Chapter 2) was adjusted to the CO2 and pure water 
mutual solubilities, the models cannot adequately calculate and capture the retrograde 
behaviour of CO2 water content in equilibrium with aqueous solutions of salts.  
Moreover, because the accuracy of the experimental setup and procedures we used to 
measure the CO2 water content in equilibrium with brine was approved earlier in this 
chapter and on the other hand considering that excellent agreement obtained between the 
calculated and measured CO2 water content below bubble point of CO2, it is concluded 
that the measured data are correct but models are not able to correlate the liquid CO2 
water content properly. However, because there is no data available for CO2 water content 





Figure 4.17 Comparison between calculated and measured water content of CO2 in equilibrium 
with 10 wt% NaCl aqueous solution at 5 °C 
 
Figure 4.18 Comparison between calculated and measured water content of CO2 in equilibrium 










































Figure 4.19 Comparison between calculated and measured water content of CO2 in equilibrium 
with 10 wt% NaCl aqueous solution at 15 °C (literature experimental data taken from [340], [341]) 
 
Figure 4.20 Comparison between calculated and measured water content of CO2 in equilibrium 
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Figure 4.21 Comparison between calculated and measured water content of CO2 in equilibrium 
with 20 wt% NaCl aqueous solution at 25 °C 
 
Figure 4.22 Comparison between calculated and measured water content of CO2 in equilibrium 
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Figure 4.23 Comparison between calculated and measured water content of CO2 in equilibrium 
with 20 wt% NaCl aqueous solution at 10 °C 
  
Figure 4.24 Comparison between calculated and measured water content of CO2 in equilibrium 











































Figure 4.25 Comparison between calculated and measured water content of CO2 in equilibrium 
with 20 wt% NaCl aqueous solution at 0 °C 
4.3.2 Water Content measurement at elevated temperatures (T ≥ 50 °C) 
 Water content of methane 
Similar to those measurements preformed at low temperatures to check the accuarcy and 
reliability of water content measurements experimental setup and precedures, the water 
contents of methane in equilibrium with pure water were measured at 50 °C, 100 °C and 
150 °C. The measured water content of methane at three elevated temperatures are 
reported in Table 4.7 at pressures from 34.5 bar to 827.4 bar. Experimental results are 
illustrated and compared with literature experimental data in Figure 4.26 and Figure 4.27 
where the measured methane water contents are in excellent agreements with the data 
reported in the literature. The highest water content that is reported is 14.3% water cut 
with 2% uncertainty was measured at 150 °C and 34.5 bar which shows that using the gas 



























Table 4.7 Experimental results of methane water content at elevated temperatures 
T = 150 °C ±0.1 °C T = 100 °C ±0.1 °C T = 50 °C ±0.1 °C 
P-bar ± 0.7 𝒚𝒘 - ppmV P-bar ± 0.7 𝒚𝒘 - ppmV P-bar ± 0.7 𝒚𝒘 - ppmV 
34.5 143872 ±2.00% 34.5 31631 ±0.94% 27.6 4615 ±7.44% 
137.9 43177 ±0.72% 69.0 16383 ±2.52% 69.0 1724 ±0.83% 
273.7 24686 ±3.21% 206.9 6381 ±2.16%    
393.0 18650 ±1.45% 413.7 4107 ±0.81%    
   620.6 3484 ±0.19%    
   827.4 3066 ±2.03%    
AAD % AAD % AAD % 
CPA PC-SAFT CPA PC-SAFT CPA PC-SAFT 
3.44 3.71 5.89 7.40 5.07 5.03 
 
Measured and calculated water contents are compared graphically in Figure 4.26 and 
Figure 4.27 where the PC-SAFT and the CPA EoS performances are shown to be similar 
at all temperatures and pressures. Model calculations also correlate this work and 
literature experimental results with very slight deviations indicating that the experimental 
setup used and the procedure followed are reliable for measurement of moderate and very 
high water contents.  
 
Figure 4.26 Comparison of measured methane water content and literature experimental data at 





















Figure 4.27 Comparison of calculated and measured methane water contents and literature 
experimental data ( 100 °C: [461], 150 °C: [464]) 
 
 Water content of reservoir fluids  
In this section, the water content of two synthetic reservoir fluids entitled SYNGAS1 and 
SYNGAS2 (See Table 4.8 for rough compositions of the fluids), in equilibrium with free 
water at 150 °C at pressures of 34.48, 68.97, 206.90, 413.79, 620.69 and 827.59 bar was 
measured.  
Table 4.8 Rough compositions of SYNGAS1 and SYNGAS2 in terms of mole % 
Component SYNGAS1 SYNGAS2 
methane >70% >60% 
ethane >4% >3% 
propane >1% <1% 
iso-butane <1% <1% 
n-butane <1% <1% 
N2 >1% >2% 
CO2 >5% >10% 
  
The experimental results of water content of the SYNGAS1 and SYNGAS2 synthetic 























4.9 to Table 4.12 and plotted in Figure 4.28 to Figure 4.31. water content measurements 
of each synthetic gas were performed using both GC and chilled mirror hygrometer. 
However, it was not found possible to make measurements at 34bar with the chilled 
mirror hygrometer as the reading was not stable due to a significant amount of water 
present, >140,000 ppm. Water content measurements of synthetic gases recombined with 
condensates were made using only the GC as the heavy hydrocarbons were condensed on 
the chilled mirror and made the readings not possible. As can be seen in Table 4.9 to 
Table 4.12 there is a good agreement between experimental and calculated values for both 
the synthetic gas and the recombined condensate. As shown in Table 4.9 and Table 4.10 
the measured water contents using the GC and the chilled mirror hygrometer are quite 
close. Comparing the water content of both synthetic gases with those recombined with 
condensates shows that the calculated and measured water contents are higher for 
recombined fluids.  
 
Table 4.9 Measured and calculated water content of SYNGAS2 gas at 150 °C and pressures up to 
827 bar. 
Setup 
Pressure Measured water content Model Calculation 




34.48 161961 2.34% 152641 148741 5.75% 8.16% 
68.97 72109 1.31% 80874 78588 12.16% 8.99% 
206.90 34319 0.50% 33335 32567 2.87% 5.10% 
413.79 20605 3.00% 21717 21652 5.40% 5.08% 
620.69 16871 0.31% 17633 17762 4.52% 5.28% 
827.59 14800 2.21% 15364 15554 3.81% 5.09% 
CM 
206.90 30200 3% 33335 32567 10.38% 7.84% 
413.79 20300 3% 21717 21652 6.98% 6.66% 
620.69 17700 3% 17633 17762 0.38% 0.35% 









Table 4.10 Measured and calculated water content of synthetic SYNGAS1 gas at 150 °C and 
pressures up to 827 bar. 
Setup 
Pressure Measured water content Model Calculation 




34.48 150873 3.10% 151836 148305 0.64% 1.70% 
206.90 29584 1.22% 31926 31571 7.92% 6.72% 
413.79 18521 1.39% 19970 20181 7.83% 8.96% 
620.69 14057 1.04% 15722 16027 11.85% 14.02% 
827.59 12187 3.00% 13383 13655 9.81% 12.04% 
CM 
206.90 29500 3% 31926 31571 8.22% 7.02% 
413.79 18700 3% 19970 20181 6.79% 7.92% 
620.69 15300 3% 15722 16027 2.76% 4.75% 
827.59 13000 3% 13383 13655 2.95% 5.04% 
 
Table 4.11 Measured and calculated water content of synthetic SYNGAS2 + Condensates gas at 150 
°C and pressures up to 827 bar. 
Setup 
Pressure Measured water content Model Calculation 




34.48 155877 6.27% 152744 148767 2.01% 4.56% 
68.96 83322 1.33% 81014 78635 2.77% 5.63% 
206.89 33582 2.52% 33569 32724 0.04% 2.56% 
413.79 21779 3.58% 22000 21872 1.01% 0.42% 
620.68 18793 1.99% 17909 17999 4.71% 4.23% 
827.58 16767 0.69% 15621 15776 6.84% 5.91% 
 
Table 4.12 Measured and calculated water content of synthetic SYNGAS1 gas + Condensates at 150 
°C and pressures up to 827 bar. 
Setup 
Pressure Measured water content Model Calculation 




34.48 168100 2.67% 151937 148330 9.62% 11.76% 
206.90 32300 1.30% 32133 31702 0.52% 1.85% 
413.79 21200 1.70% 20213 20357 4.66% 3.98% 
620.69 17600 3.47% 15960 16221 9.32% 7.84% 









Figure 4.29 Experimental and calculated water contents for SYNGAS1 recombined condensates in 










































Figure 4.30 Experimental and calculated water contents for SYNGAS2 in equilibrium with water at 
150 °C. 
 
Figure 4.31 Experimental and calculated water contents for SYNGAS2 recombined condensates in 
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 Water content of pure CO2 at elevated temperatures 
In the section, the experimental results of CO2 water content in equilibrium with DM 
water is reported at 100 °C and 150 °C. The experimental data measured in this work 
together with calculated CO2 water contents using the CPA and the PC-SAFT equation 
of states are summarized in Table 4.13. The AAD % between calculated and measured 
water contents are 15.91 and 9.6 at 150 °C and 11.65 and 12.2 for the CPA and the PC-
SAFT EoSs at 100 °C respectively. 
 
Table 4.13 Measured and calculated water content of pure CO2 at 100 and 150 °C 




 CPA PC-SAFT Deviation 
bar ± 0.7 ppm CPA PC-SAFT 
150 °C ± 0.1 
16.27 247050 314444 306332 27.28% 24.00% 
34.47 136035 157874 151662 16.05% 11.49% 
51.71 101074 111182 105609 10.00% 4.49% 
137.90 49403 56061 51251 13.48% 3.74% 
275.79 41808 47141 43600 12.75% 4.29% 
413.69 44728 48327 45598 8.05% 1.95% 
551.58 46944 50058 47969 6.63% 2.18% 
AAD % 15.91% 9.60% 
100 °C ± 0.1 
16.27 57560 67925 66042 18.01% 14.74% 
34.47 32044 34669 33110 8.19% 3.33% 
51.71 23897 24996 23483 4.60% 1.73% 
137.90 17498 15219 13667 13.02% 21.89% 
275.79 20471 17334 16448 15.32% 19.65% 
413.69 21369 19354 18934 11.83% 12.27% 
551.58 21474 20622 20603 10.59% 11.77% 




Figure 4.32 Comparison of measured water content of CO2 at 100 °C and 150 °C with 
literature data (100 °C: [335], [336], [342], 150 °C: [336], [465] 
Measured and literature water content of CO2 at 100 °C and 150 °C are compared 
graphically in Figure 4.32. As illustrated in Figure 4.32, at fixed pressure with increasing 
temperature, the water solubility in the CO2-rich phase is increased. Furthermore, as 
shown in Figure 4.32, the experimental results of this work are in excellent agreements 
with literature at both test temperatures. 
Model calculations and experimental results are compared in Figure 4.33 and Figure 4.34. 
As shown, at each pressure, the calculated water content using the CPA and the PC-SAFT 
EoSs are quite close. Also as displayed in both Figure 4.33 and Figure 4.34, the measured 
water contents are in line with those reported in the literature at 100 °C and 150 °C. 
However, at 100 °C and pressures above 200 bar, the deviation between model calculation 
and experimental data are higher with respect to those measured at lower pressures despite 
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Figure 4.33 Comparison of calculated and measured water content of CO2 at 150 °C with literature data ( 150 
°C : [336], [465] 
 
Figure 4.34 Comparison of calculated and measured water content of CO2 at 100 °C with literature 




































 Water content of CO2 mixtures at elevated temperatures  
The water contents of two CO2-rich fluids entitled MIX1 and MIX6 (see Table 4.14 for 
each fluid composition) in equilibrium with water were measured. Measured water 
contents of the CO2-rich fluids are reported in Table 4.15 and Table 4.16 and compared 
together through Figure 4.35. As can be seen in Table 4.16, good agreements were found 
between model calculation and experimental results of MIX 1 water content at 150 °C 
with around 4 AAD %. As illustrated in Figure 4.35, the calculated and measured water 
content of MIX 6 is lower than MIX 1 at all test pressures as MIX 6 with around 70% 
CO2 content has a lower water affinity than MIX 1 with 95% CO2 content.  
Table 4.14 Compositions of the CO2-rich fluids entitled MIX1 and MIX 6 in terms of mole percent 
Components MIX 1 MIX 6 
carbon dioxide 95.64 69.99 
methane 0.6261 (±0.031%) 7.901 (±0.040%) 
ethane 0 7.015 (±0.036%) 
propane 0 4.968 (±0.025%) 
n-butane 0 2.067 (±0.0011%) 
iso-butane 0 2.049 (±0.0011%) 
n-pentane 0 0 
nitrogen 1.41 (±0.071%) 6.009 (±0.031%) 
hydrogen 0.8175 (±0.041%) 0 
oxygen 0.08 (±0.004%) 0 
argon 1.21 (±0.061%) 0 
carbon monoxide 0.2127 (±0.011%) 0 
 
Table 4.15 Measured and calculated water content of MIX6 at 150 °C 
P Measured water content Uncertainty 
Model calculation 
CPA PC-SAFT Deviation 
bar ppm CPA PC-SAFT 
565.52 30966 1.70% 35562 35835 14.84% 15.72% 
420.69 31837 2.45% 36945 36356 16.05% 14.20% 
282.76 32115 1.46% 39635 37967 23.42% 18.22% 
143.45 37768 2.26% 51555 48237 36.51% 27.72% 
59.31 91775 1.31% 97349 92803 6.07% 1.12% 
37.93 138228 1.72% 143475 138109 3.80% 0.09% 






Table 4.16 Measured and calculated water content of MIX1 at 150 °C 
P Measured water content Uncertainty 
Model Calculation 
CPA PC-SAFT Deviations 
bar ppm CPA PC-SAFT 
551.72 47338 4.07% 44804 45161 5.35% 4.60% 
413.79 46497 5.95% 44020 43328 5.33% 6.82% 
275.86 45147 7.65% 44143 42131 2.22% 6.68% 
137.93 50893 3.19% 54542 50947 7.17% 0.11% 
53.52 108462 5.70% 107191 102510 1.17% 5.49% 
35.66 145731 2.91% 152511 147084 4.65% 0.93% 
AAD % 4.25% 4.74% 
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4.4 Summary and Conclusion 
A brief literature survey regarding the studies reported on the solubility of water in CO2-
rich fluids was presented at the beginning in this chapter. It was shown that while the 
water content of CO2 in equilibrium with water has been studied extensively over broad 
ranges of temperature and pressures, there is no data available for the water content of 
CO2 in equilibrium with aqueous solutions of salts. To fill this gap, the water content of 
CO2 in equilibrium with 10 and 20 wt% NaCl aqueous solutions were measured. 
Comparing the measured data with model calculation showed an excellent agreement 
between calculated and measured water contents at below bubble point pressures while 
higher deviations were calculated between model calculations and experimental results at 
above bubble point pressures. Despite that there was no data available in the literature to 
validate the experimental results, the effects of salinity and temperature on the water 
content of CO2 were investigated. It was observed that the water content of CO2 is 
decreased with increasing the salinity of the brine and is increased with increasing the 
temperature of the system indicating that the measured data are qualitatively consistent.  
Using gas chromatography, the water contents of pure CO2 and four mixtures with 
different concentrations of CO2 in equilibrium with water were measured at elevated 
temperatures and pressures. It was shown that using the gas chromatography setup used, 
very high moisture content of CO2 containing systems can be measured accurately. Slight 
deviations were found between model calculations and experimental results for both the 





Chapter 5  
5–Summary and recommendations  
5.1 Background of the Work 
Global warming is nowadays one of the most significant problems that humankind is 
facing. Global warming is defined as the constant and slight increase in the temperature 
of the earth which is considered as a severe danger to the life on earth. The main cause of 
this phenomena is the change in the composition of the atmosphere and increasing the 
content of greenhouse gases which absorb the heat from the sun and trap it within the 
atmosphere causing an increase in the earth temperature. Carbon dioxide is mainly 
produced from consumption of fossil fuels to provide the energy demand. Furthermore, 
with growing in the global population and entering more consumerism to the lifestyles, 
this problem is not controlled but is being exacerbated.  
To control the situation and to slow down or stop the global warming, CO2 emissions to 
the atmosphere must be reduced as much as possible. Therefore, it is recommended to 
capture the CO2 from the main emission sources and transport it to sites where CO2 can 
be stored by dissolving in large deep down formation without returning to the atmosphere. 
The processes involved in capturing, transporting and storing CO2, are known as carbon 
Capture and Storage (CCS). However, these processes are not trivial, and there are several 
issues needs to be resolved which does not seem possible without having a sound 
knowledge of the governing phenomena in these processes. Moreover, to make CCS 
efficient and cost effective, many engineering problems and difficulties must be resolved 
as well. For instance, it is usually favourable to transfer the CO2-rich fluids in a 
compressed state to a long distance destination where the risk of hydrate formation and 
pipeline blockage is high. On the other hand, in the storage sector, the main challenge is 
to find proper storages in which the maximum CO2 can be stored. Also, it is crucial to 
make sure that CO2 is safely stored deep down in the formation and will not be released 
back into the atmosphere.  
In general, engineering, design and control the processes mentioned above, require a good 
understanding of governing phenomena in all CCS sectors. The aim of this work was to 
fill the gaps in the available experimental studies regarding the phase equilibria 
measurements and improving the accuracy and predictive capabilities of the 
thermodynamic models for modelling such systems.  
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5.2 Phase Equilibria Modelling Using PC-SAFT Equation of State 
5.2.1 PC-SAFT background  
An extensive introduction on the background of the molecular-based equation of states 
with the emphasis on SAFT based models was presented in Chapter 2. The idea and the 
background of the PC-SAFT model developed by Gross and Sadowski [6], [13] were 
discussed in Chapter 2.  
5.2.2 Investigating the binary mixtures of the main CO2-rich fluids components 
Using the pure compound parameters suggested by Gross and Sadowski [6], the binary 
interaction parameters of 82 different binary mixtures were tuned to more than thousand 
literature experimental data points. Comparison of the experimental and calculated VLE 
of the investigated systems showed that using a single temperature independent binary 
interaction parameter, the PC-SAFT EoS performs very well and is capable of correlating 
the phase behaviour of such systems accurately. 
5.2.3 Phase equilibria modelling of CO2-rich fluids/water systems 
As stated before, CO2 is being stored in massive aquifers by dissolving in the brine. Also 
in the transportation processes, water may be present in the fluid and increases the risk of 
hydrate formation and pipeline blockage. Therefore, water plays a critical role in either 
storage sector of the CCS or the flows assurance engineering of transportation processes. 
To improve the PC-SAFT EoS capability in accurately modelling the PVT and phase 
equilibria behaviour of such system, a new set of temperature dependent PC-SAFT pure 
compound parameters were optimised for water and tested against experimental data. The 
model calculation results showed excellent agreement with experimental VLE data and 
freezing point of water. Using the set of pure compound parameters tuned in this work, 
the PC-SAFT EoS appeared to show superior performance over other sets of parameters 
reported in the literature.  
The binary interaction parameters of thirty compounds including, inorganic gases, normal 
alkanes, aromatics, and noble gases with water were also adjusted to the literature 
solubility data over a wide range of temperature and pressures. Due to the important role 
of CO2 in our study and pseudo retrograde behaviour of the water content of CO2 in 
equilibrium with aqueous solutions, another adjusting parameter was also introduced to 
adjust the association strength between water and CO2 systems. Excellent agreement was 
found between the tuned PC-SAFT model and Duan et al. [295] model for calculating the 
CO2 solubility in distilled water. The model was also showed a good performance in CO2 
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water content calculation and capturing the pseudo retrograde behaviour of the CO2 water 
content.  
5.2.4 Phase equilibria modelling of hydrate inhibitors/CO2-rich fluids systems 
Water removal or dehydration processes commonly use glycols to remove water from the 
natural gases in absorption columns. Also, glycols are recently preferred over methanol 
for hydrate inhibition purposes. New sets of pure compound parameters were developed 
for MEG, DEG, TEG, TeEG and PG1 over an extensive range of temperatures. The 
outcome of the optimisation showed that the model was capable of predicting the vapour 
pressures and saturate liquid densities of all glycol oligomers with excellent accuracy 
even at low temperatures where the vapour pressures of some heavy glycols are less than 
a Pascal. The model calculations using the new sets of parameters were also appeared to 
be advantageous over those sets of parameters reported in the literature. The binary 
interaction parameters of glycols and compounds involved in the CCS were also tuned to 
either available experimental literature or in-house data. Very good agreements were 
found for all the investigated systems at broad ranges of temperature and pressure.  
In continuance of the study on glycols containing systems, the PC-SAFT EoS was applied 
to model the phase behaviour and thermodynamic properties of methanol, ethanol, 1-
propanol and 2-propanol. Gross and Sadowski [214] reported pure compound parameters 
for several alcohols. However, we found that using the sets of parameters reported by 
them the vapour pressure of alcohols is not being predicted with the expected accuracy 
of our modelling purposes. Hence new sets of pure compound parameters were optimised 
using volumetric data of alcohols to increase the accuracy of the model with an emphasis 
on low temperatures. Therefore, the new sets of parameter were developed for 
temperatures up to 373.15 K. Using the new sets of the parameter obtained in this work, 
the model calculation of vapour pressures and saturated liquid densities of pure alcohols 
compared with experimental data and model predictions using literature pure compound 
parameters. In almost all cases the model predictions showed a better performance using 
this work sets of parameters than using those reported in the literature. 
5.2.5 Evaluation of the model in calculating second derivative thermodynamic 
properties 
The performance of equation of states is usually evaluated by their capability in 
generating accurate phase equilibria results. However, a robust thermodynamic model is 
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also expected to predict the second thermodynamic derivative properties like heat 
capacities, Joule-Thomson coefficients and thermal expansion of complex fluids. Unlike 
the cubic equation of states, molecular-based models involve more complex equations 
with the higher non-linearity order. Moreover, SAFT based equation of states use the 
fraction of non-bonded molecules, 𝑋𝐴 , which has to be obtained iteratively for multi 
component systems. As the above-mentioned thermodynamic properties are calculated 
by first and second differentiation of residual Helmholtz free energy, one may use 
numerical differentiation for calculating the derivatives where a single function may be 
called several times resulting in an increase in the cost of calculations. To resolve this, 
we developed the first and second derivative of original PC-SAFT equation of state which 
based on our knowledge so far, has not been reported in the literature. After developing 
the derivative equations, the model performance was tested for pure propane, dodecane 
and methanol. Model calculation results show very good agreement with the experimental 
data of propane and dodecane especially at near or above critical point. The calculated 
second derivative properties of methanol using the new set of parameter developed in this 
work and the parameters reported by Gross and Sadowski [214] were also compared with 
experimental data. No sensible difference in the model performance was observed using 
two set of parameters.  
5.2.6 Electrolytes modelling 
CO2-rich fluids are being stored in underground formation are in equilibrium with brine. 
To account for the effect of salts on the phase equilibria modelling, the contribution of 
the electrolytes must be considered in the equation of state. In this study the Debye–
Hückel activity model was incorporated with the PC-SAFT EoS for modelling the 
electrolyte containing systems. For calculating the contribution of the electrolytes in the 
fugacity coefficients, the binary interaction parameters water/salt and non-associating 
compounds/salt are obtained by adjusting the model to the volumetric data of water/salts 
and CO2/electrolyte systems. To validate the experimental solubility data obtained in this 
study, we incorporated the water/salt binary interaction parameters reported by Haghighi 
et al. [372] for the CPA EoS. The CO2-salt binary interaction parameters were then tuned 
by employing PC-SAFT EoS and using either this work measured solubility data or 
literature. It was also shown that as using the new water sets of pure compound 
parameters, the PC-SAFT and the CPA yields almost identical results for VLE data of 
water, using the water/salts binary interaction parameters was a reasonable assumption.  
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5.3 CO2 Solubility Measurements in Water and Aqueous Salt(s) Solutions  
A comprehensive literature survey was conducted for CO2 solubility in water and aqueous 
solutions of NaCl, KCl, CaCl2 and MgCl2 to identify the current gaps in literature data. 
Based on the datasets found, it was observed that the CO2 solubility in water and aqueous 
solution of NaCl were studied extensively in the literature, and several datasets were 
found over wide ranges of temperatures and pressures. However, limited CO2 solubility 
data in aqueous solutions of NaCl were found at low temperatures (T<298.15 K) and high 
pressures. A number of solubility datasets were found in KCl, CaCl2 and MgCl2 aqueous 
solutions which were either scattered or were reported at conditions not broad enough for 
modelling and tuning purposes.  
To validate whether the experimental setup and procedure, the solubility of CO2 at 50 °C 
and 100 °C and pressures up to 500 bar were measured. Experimental results were then 
compared with literature data and model calculations. As an excellent agreement was 
found between model calculation and both measured and literature data, it was concluded 
that the experimental setup and procedure adopted, are reliable for the planned CO2 
solubility measurements. The solubility of CO2 in aqueous solutions of NaCl, KCl, CaCl2, 
MgCl2 and a salt mixture were then measured in various concentrations of brine and over 
wide ranges of temperature and pressure to fill the gaps found in the literature.  
The solubility of CO2 in 10 and 20 wt% aqueous solutions of NaCl were measured at low 
temperatures (-10 °C ≤ T ≤ 25 °C) and pressures up to the hydrate dissociation pressures 
of the system at each test temperature. Solubility measurements were also made at 
elevated temperatures (50 °C ≤ T ≤ 150 °C) in 10, 15 and 22 wt% NaCl aqueous solutions. 
To validate the experimental data, the PC-SAFT and CPA models were tuned to this work 
experimental results, and the model calculations were compared to the Duan model [295] 
predictions. Excellent agreements were found between calculated solubilities using the 
CPA, the PC-SAFT and the Duan model, indicating that this work experimental results 
agree with those reported in the literature. However, at low temperatures and high 
pressures larger deviations are observed between the model calculations and the Duan 
model predictions. It was suggested that as the Duan model was tuned to the literature 
data which are limited at low temperatures and high pressures, the CPA and PC-SAFT 
models are performing better and more accurately.  
CO2 solubilities in aqueous solutions of CaCl2 were measured at 50, 100 and 150 °C in 
7.5, 10, 15.7 and 23.4 wt% aqueous solutions. The PC-SAFT and the CPA EoSs were 
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tuned to the literature solubility data [374] and compared with the experimental data 
where a very good agreement was found.  
CO2 solubility measurements in 10 wt%, 15 wt% and 22 wt% KCl aqueous solutions were 
also made at 50 °C, 100 °C and 150 °C and pressures up to 548 bar. Totally nine CO2 
solubility datasets in aqueous solutions of KCl were found in the literature. The maximum 
pressure at which the solubilities were reported was 200 bar. As the pressure ranges 
covered in the literature was limited, the CPA and the PC-SAFT models were tuned to 
the experimental results of this work. Calculated solubilities were then compared to the 
literature data to validate the experimental results. Excellent agreement was found 
between the calculated solubilities and the experimental data reported by Kamps et al. 
[441], Kiepe et al., [438] and Liu et al. [434].  
The most extensive solubility datasets that cover broad ranges of temperature and 
pressure in various concentrations of MgCl2 aqueous solution were reported by Tong et 
al. [374] and Zhao et al.[375]. Therefore, a set of experiments were conducted to measure 
the solubility of CO2 in different concentrations of MgCl2 solutions over extensive 
temperature and pressure ranges. The CPA and the PC-SAFT EoSs were tuned to the data 
reported by Tong et al. [374] and Zhao et al. [375], and model calculations were compared 
to the experimental results obtained in this study. Excellent agreement was observed with 
the experimental results indicating that the measured solubilities agree with those 
reported in the literature.  
The solubility of CO2 in a mixture of the aqueous salt solution was also measured at 50 
°C, 100 °C and 150 °C. A salt mixture containing 19.4 wt% NaCl, 2.3 wt% CaCl2, 1.1 
wt% MgCl2 and 0.3 wt% KCl was prepared, and solubility measurements were made at 
pressures up to 571 bar. Using the tuned CPA and the PC-SAFT EoSs, the model 
predictions were compared to the experimental data to validate the measurement results. 
Good agreement was found between the model calculation and the experimental data with 
slight deviations.  
5.4 Experimental Study of CO2-Rich Fluid Water Content  
A good understanding on the phase equilibria of CO2-rich or natural gas systems in the 
presence of distilled water or brine is essential in modelling, design and engineering. An 
extensive literature survey of the studies on the water content measurements of CO2-rich 
fluids was conducted in Chapter 4. Seventeen datasets of CO2 water content in 
equilibrium with water were found in the literature. Even though the CO2 solubility has 
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been extensively measured in various concentrations of aqueous solutions of salts at a 
broad range of temperatures and pressures, to our knowledge, there is no experimental 
data available for the water content of CO2-brine systems in the literature. To fill the gap, 
water content of CO2 in equilibrium with brine at the conditions of flow assurance 
engineering interests were measured.  
To evaluate the reliability of the experimental setup for water content measurements at 
low temperatures, the water content of methane in equilibrium with demineralised 
water/hydrate was measured at temperatures from -40 °C to 25 °C. The experimental 
results were then compared to either literature or calculated CO2 water contents using the 
CPA and the PC-SAFT EoSs. Very good agreement was found between literature data 
and model calculations proving that the setup and procedure adopted for low water 
content measurements were reliable. Furthermore, the water content of CO2 in 
equilibrium with 10 and 20 wt% NaCl aqueous solutions were measured at 0 °C to 25 °C 
and -5 °C to 25 °C respectively. All the measurements were made at pressures below the 
hydrate dissociation pressure of each temperature. As no data are available in the 
literature for the water content of CO2 in equilibrium with brine, the experimental results 
were only compared with the model predictions. The experimental results obtained at 
different temperatures and in different concentration of brine were also compared 
together. It was observed that the water content decreases with reducing temperature and 
increasing the salinity of brine which also indicates that the measured data are 
qualitatively consistent. 
To investigate the water solubility in CO2-rich fluids at higher temperature, the gas 
chromatography method was adopted. The reliability of the experimental setup and 
measurement method was checked by measuring the water content of methane and CO2 
at elevated temperatures (100 °C and 150 °C) and comparing the experimental results 
with literature and model calculations. The measured water contents of CO2 and methane 
were completely in line with literature data and were correlated with an excellent 
agreement with model predictions which showed that using the experimental procedure 
adopted, the water contents of fluids with very high moisture can be measured precisely. 
The water content of two synthetic CO2-rich fluids as well as two reservoir gas fluids 
were measured at 150 °C. The measured data were then compared with the model 
calculations. It was shown that the model calculations and experimental data obtained in 




In continuance with the modelling and experimental results obtained in this dissertation, 
several prospective are expected in both modelling and experimental sections.  
5.5.1 Modelling  
It is recommended to investigate more binary mixtures of non-associating compounds 
and associating compounds involved in CCS and flow assurance. As a shortcoming was 
observed in predicting the second derivative properties of associating compounds using 
the equation of states, it is suggested to account these properties in optimising the PC-
SAFT pure compound parameters, in addition to volumetric data. Also incorporating the 
PC-SAFT models with ion based electrolyte models as well as tuning the current model 
with more non-electrolyte/salts systems seem to be a prosperous plan.  
5.5.2 Experimental study 
There are still several gaps in the experimental data of CO2/brine systems to be filled. 
Examples be the CO2 solubility in aqueous solutions of CaCl2, KCl, and MgCl2 at low 
temperatures or the water content of CO2 in equilibrium with aqueous solutions of above-
mentioned salts. It is also recommended to investigate the effect of impurities on the CO2-
rich fluids like O2, N2, argon and H2S on the solubility of CO2 in water or brine. Another 
suggestion for future works could be to study the effect of pH on the solubility of CO2 in 
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